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Abstract
Under the common headline of process intensification several innovative
reactor types for heterogeneous catalysis are discussed, including membrane
reactors, microreactors and monolithic reactors. A novel reactor concept
called flow-through catalytic membrane microchannel reactor contains as-
pects of each of the three reactor types: The catalyst is immobilized in a
ceramic membrane, the geometric structures are in the scale of microme-
ters and below and the reactants flow convectively through uniform catalytic
channels.
Anodized alumina membranes comprise regular cylindrical channels with
a narrow pore size distribution. Impregnated with palladium, they promise
high catalytic activity combined with very short contact times and a narrow
residence time distribution, calling for application in performing fast and
selective reactions.
Whereas the reactor geometry impedes direct measurement of the resi-
dence time distribution, a fluid dynamic reactor model, taking into account
pore size distribution and axial dispersion, allows to quantify deviations from
ideal plug flow behavior. Both influences are combined in a single parameter
effective dispersion model. For low axial dispersion caused by high axial ve-
locities and absolute pressures, the pore size distribution limits the minimum
achievable effective dispersion.
Due to the small characteristic lengths, heat convection is always small
compared to the internal heat transfer, leading to isothermal reactor behavior
with identical gas phase and membrane temperature and a temperature jump
at the pore entrance. The isothermal operation even of highly exothermic
reactions is beneficial for kinetic studies.
The predicted high catalytic activity of the investigated catalytic mem-
brane microchannel reactor compared to catalytic fixed beds is proven ex-
perimentally. Although the flat and thin geometry of membranes is advan-
tageous in terms of high throughput at minimum contact time, it is unfavor-
able regarding axial dispersion. This prevents application in consecutive low
pressure gas phase reactions, where a fixed bed reactor might reach higher
selectivities due to increased reactor length. At high pressures or in liquid
phase this limitation is negligible and ideal reactor behavior can be assumed.
Keywords:
membrane, microstrucure, catalyst support, reaction engineering
Zusammenfassung
Das Schlagwort Prozessintensivierung umfasst zahlreiche innovative Re-
aktortypen für heterogen katalysierte Reaktionen, wie z.B. Membranreakto-
ren, Mikroreaktoren und Monolithreaktoren. Der vorgestellte durchströmte
katalytische Membranmikrokanalreaktor vereint Aspekte dieser drei Reak-
tortypen: Die Reaktanden strömen konvektiv durch die gleichförmigen ka-
talytischen Kanäle einer keramischen Membran, deren Abmessungen im Be-
reich von Mikrometern und darunter liegen.
Anodisierte Aluminiumoxidmembranen verfügen über gleichmäßige zylin-
drische Mikrokanäle mit sehr enger Porengrößenverteilung. Durch Einbringen
von Palladium in die Membranporen entsteht ein Reaktor mit hoher kata-
lytischer Aktivität, kombiniert mit extrem kurzen Kontaktzeiten und einer
engen Verweilzeitverteilung.
Eine direkte Messung der Verweilzeitverteilung ist aufgrund der Reaktor-
geometrie nicht möglich, Abweichungen vom idealen Reaktorverhalten las-
sen sich aber mit Hilfe eines effektiven Dispersionsmodells quantifizieren,
welches die Einflüsse von Porengrößenverteilung und axialer Dispersion in
einem einzelnen Parameter berücksichtigt. Im Falle geringer axialer Dispersi-
on, beispielsweise durch hohe Durchströmungsgeschwindigkeiten und Drücke,
begrenzt die Porengrößenverteilung die minimal erreichbare effektive Disper-
sion.
Aufgrund der geringen Reaktordimensionen ist in den Membranporen
Konvektion immer klein gegenüber innerem Wärmeübergang zwischen Gas
und Wand. Dies führt zu isothermem Reaktorverhalten mit identischer Gas-
und Membrantemperatur selbst bei stark exothermen Reaktionen und einem
Temperatursprung am Reaktoreingang.
Reaktionsversuche bestätigen die hohe katalytische Aktivität des Mem-
branmikrokanalreaktors verglichen mit einem katalytischen Festbett. Wäh-
rend die flache und dünne Membrangeometrie hohe Durchsätze bei minima-
ler Kontaktzeit ermöglicht, erweist sie sich als nachteilig bezüglich axialer
Dispersion und verhindert einen Einsatz für selektive Folgereaktionen bei
niedrigen Drücken. Bei hohen Drücken und in der Flüssigphase gilt diese
Einschränkung nicht und das Reaktorverhalten kann als ideal bezeichnet
werden.
Schlagwörter:
Membran, Mikrostruktur, Katalysatorsupport, Reaktionstechnik
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Chapter 1
Introduction
Heterogeneous catalysis is one of the central topics in reaction engineering.
About 80 % of chemical products in the world market are manufactured
via heterogeneous catalytic processes (Stankiewicz, 2001). Most common
reactors for catalyzed gas and liquid reactions contain the catalyst in form
of particles of diverse shapes and sizes, either in a fixed or moving bed. The
well known drawbacks of fixed bed reactors include mass and heat transfer
limitations, low specific surface area and high pressure drops. For moving
bed or slurry reactors, catalyst attrition, equipment erosion and catalyst
separation are of major concern.
Under the common headline of "process intensification" several innovative
concepts to overcome the known limitations are under discussion, including
membrane reactors, microreactors and monolithic reactors. The reactor con-
cept discussed in the work at hand, called "flow-through catalytic membrane
microchannel reactor" contains aspects of each of the three reactor types: As
the catalyst is immobilized in a ceramic membrane, it can be included in the
category of membrane reactors. The geometric structures are in the scale
of micrometers and even below, thus it can be considered a microreactor.
Finally the reactants flow convectively through uniform catalytic channels,
which is the main characteristic of monolithic reactors.
The applied catalytic microstructure is made up of anodized alumina
membranes, which comprise regular cylindrical channels with a narrow pore
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size distribution. The motivation of my investigations is to improve the
knowledge of the micro-scale processes inside the catalytic membrane and to
assess experimentally and theoretically in which cases the application of these
regularly structured membranes as catalytic membrane reactors is beneficial
compared to other reactor concepts. The anticipated advantages of the reac-
tor concept are high catalytic activity, very short contact times and a narrow
residence time distribution, calling for application in performing fast and
selective reactions, such as gas phase hydrogenations of alkenes and alkynes.
In contrast to fixed bed reactors or macroscopic monolithic reactors, in
flow-through catalytic membrane reactors diffusion limitation decreases for
higher flow-through velocities. Compared with unstructured membrane re-
actors, the structured membrane promises reduced pressure drop due to min-
imum tortuosity and improved pore size distribution without pinholes.
After classifying the reactor concept within the families of process in-
tensification, microreactors and membrane reactors and an extensive review
on FTCMR (Chapter 2), the experimental part will be elucidated, includ-
ing preparation and characterization of the catalytic membranes, as well as
the setup of reactor module and analytics (Chapter 3). The reactor fluid
dynamics will be analyzed in Chapter 4, generating correlations for pres-
sure drop and residence time distribution, in order to determine optimum
operating conditions. Special attention will be paid to microeffects such as
Knudsen and molecular diffusion, which affect macroscopic parameters like
pressure drop and dispersion. A reactor model will be developed, allowing for
assessment of conversion, selectivity and temperature profiles (Chapter 5),
taking into account axial dispersion, heat transfer and pore size distribution.
The models are validated experimentally using ethyne and ethene hydrogena-
tion catalyzed by palladium as model reactions. The reactor performance of
structured membranes is experimentally compared to that of unstructured
membranes and of equivalent catalytic fixed beds.
Chapter 2
Process Intensification Reactors
Process intensification (PI) is a very general term that calls for further defini-
tion. Ramshaw (1999) dates the origin of the concept back to the late 1970s
and describes PI as a strategy of dramatically reducing the plant size (100-
1000 fold) in order to meet a given production objective. Stankiewicz and
Moulijn (2000) broaden the field of PI by including the development of novel
innovative apparatuses and techniques that are expected to bring substantial
improvements in manufacturing and processing compared to those commonly
used today. According to this definition PI is not limited to decreasing the
ratio between equipment size and production capacity, but also includes the
reduction of energy consumption or waste production ultimately resulting
in cheaper, sustainable technologies. The provocative number of 100 fold
decrease is replaced by the factor 2. DECHEMA (2006) uses a somewhat
different understanding of PI: It contains several different methods aimed at
drastically increasing the economic and ecological efficiency of chemical pro-
cesses and the generation of novel products and product qualities based on an
in-depth knowledge of the process steps and the interdisciplinary application
of effects on nano-, micro- and macroscale.
A further classification and a few examples might clarify, what is com-
monly understood as PI: Process-intensifying equipment includes several
novel reactors and devices, whereas process-intensifying methods and tech-
niques form a separate category, although the differentiation is sometimes
3
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diffuse. Several concepts are currently discussed:
• Novel reactors as well as intensive mixing, heat-transfer and mass-
transfer devices (static mixers, monolithic catalysts, microreactors, ro-
tating devices),
• Integration of reaction and one or more unit operations (separation,
heat exchange, or phase transition) into so-called multifunctional re-
actors (reverse-flow reactor, reactive distillation, membrane reactors,
reactive extrusion, fuel cells),
• Development of new or hybrid separations (membrane absorption and
stripping, membrane distillation, adsorptive distillation),
• Use of alternative forms and sources of energy for processing (centrifu-
gal fields, ultrasound, solar energy, microwaves, electric fields, gliding
arc),
• New process-control methods (like intentional unsteady-state opera-
tion).
The motivation for developing and applying process intensifying equip-
ment and methods is finally not only given by the prospect of dramatic cost
reductions, but also by increasing the sustainability of chemical production
(Stankiewicz and Moulijn, 2000).
The reactor concept investigated in the work at hand is called flow-
through catalytic membrane reactor. It can be regarded a part of the process
intensification family, closely related to microreactors and monolithic cata-
lysts and of course it is a certain kind of membrane reactor. A clear explana-
tion of the concept and potential benefits of microchannel membrane reactors
requires an outline of the similarities and differences to the other named re-
actor concepts. To begin with, the general concepts of both microreactors
and membrane reactors are explained, before giving a comprehensive review
on current research results in the field of flow-through catalytic membrane
reactors.
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2.1 Microreactors
Microreactors are usually defined as miniaturized reaction systems fabricated
by applying, at least partially, methods of microtechnology and precision
engineering. The characteristic dimensions of the internal structures of mi-
croreactors, like fluid channels, typically range from the sub-micrometer to
the sub-millimeter scale (Ehrfeld et al., 2000). The increase of specific prop-
erties, such as the surface to volume ratio, is a direct consequence of reducing
the characteristic dimensions. The second potential benefit is given by the
reduced total size of the system. Resulting characteristics of microreactors
are:
• Virtually always laminar flow pattern,
• High heat transfer rates, allowing for isothermal or periodic operation,
• Improved mass transport due to fast diffusive mixing,
• Inherently safe operation of potentially dangerous reactions,
• Exact reaction control due to narrow residence time distributions,
• High pressure stability,
• Reduced time-to-market by numbering up instead of scale up.
The given characteristics are responsible for observed higher conversions and
selectivities in micro-structured reactors in comparison to conventional ones.
Advantages can especially be expected for fast, highly exothermic or en-
dothermic reactions (Wörz et al., 2001). The reaction times are shorter as
compared to conventional reactors allowing for less degradation and side
products (Gokhale et al., 2005). The small hold-up in the microstructures
significantly reduces the hazard of highly exothermic and explosive reactions.
Microreactor types can be distinguished by their main function, which can
be improved heat exchange, mixing or catalyst support. Potential benefits are
pure products, increased yields, reduced resource consumption and innovative
process management.
Several materials and microstructuring methods are applied to produce
microreactors. Materials range from metals to plastics, ceramics, glasses and
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silicon. Production processes include machining, spark erosion, laser pro-
cesses, lithography and etching methods. Surface treatment methods such
as coating, surface increase or catalyst insertion are often applied. Standard-
ized modular concepts with compact overall dimensions are available. Due
to their potential mobile application and a reduction of development time,
they are especially attractive for lab research.
Frequently quoted disadvantages of microreactors are the high fabrication
cost, low throughput, incompatibility with solids and the omission of cost
reduction by scale up effects which lead to still poor industrial acceptance.
Distribution and fouling problems often prevent the industrial application
of completely miniaturized reaction systems. Instead it seems that multi-
scale approaches (Bayer et al., 2004) are increasingly successful regarding
application on pilot or plant scale. This means that the appropriate scale
is selected for the respective purpose, and size reduction is often limited
according to the policy "as small as necessary" (Jähnisch et al., 2004).
Heterogeneously catalyzed gas-phase reactions in microreactors
Although the specific surface of microreactors is extremely high, compared
to conventional vessels, it is still relatively low compared to the porous mate-
rials applied in heterogeneous catalysis. Thus, if heterogeneously catalyzed
gas-phase reactions are to be performed in microreactors, the number of cat-
alytically active sites states the limiting factor, unless further actions are
taken to drastically increase the available surface.
The inner surfaces of microchannels can either be increased by chemical
modification of the wall material, for example by means of anodic oxidation
(Wießmeier and Hönicke, 1996) or by introducing additional high-surface
materials, for example wash-coating with powder suspensions (Bravo et al.,
2004). A further approach is the incorporation of microscale catalyst pellets
in a microstructured reactor. The channel dimensions in such fixed-bed mi-
croreactors cannot be scaled down beyond a certain limit without generating
unreasonable pressure drops. Karim et al. (2005) compare the performance
of a fixed-bed and a wall-coated microreactor for methanol steam reforming.
2.2. MEMBRANE REACTORS 7
In the fixed-bed microreactor (channel dimension 4.1 mm down to 1 mm) the
reaction is heat transfer limited and noticeable temperature gradients are ob-
served, whereas the wall-coated reactor is free from any mass or heat transfer
limitations (channel dimension 4.1 mm down to 0.2 mm) and achieves lower
pressure drops. The volumetric productivity increases with thicker catalyst
wall-coatings. Ajmera et al. (2002) propose a cross-flow design to take ad-
vantage of using commercially available catalyst pellets in microreactors, in
which the flow is distributed along a wide but short catalyst bed. This de-
sign reduces pressure drop and yields an isobaric catalyst bed that utilizes
practical quantities of catalyst and flow rates.
A reactor concept that is not a classical microreactor in terms of improved
heat transfer, but nevertheless worth mentioning in terms of process inten-
sification, is the millisecond reactor investigated by the group of Schmidt
for partial oxidations of hydrocarbons (Hickman and Schmidt, 1993; Huff
and Schmidt, 1993). They apply rhodium coated ceramic monoliths with a
length of 10 mm and channel dimensions in the micrometer scale, resulting in
contact times around one millisecond, realizing high conversions and syngas
concentrations.
2.2 Membrane Reactors
Process integration by combining reaction and membrane separation in a sin-
gle unit promises numerous benefits compared to conventional processes. In
the recent years a multitude of concepts has been proposed how membranes
can be applied in combination with a chemical or biochemical reaction in
order to intensify the process as a whole. All these approaches will be cate-
gorized into the three main concepts called extractor, distributor and contac-
tor, which will be illustrated by a few examples. Membranes are generally
referred to as structures, which are permeable for at least one component
of the surrounding fluid but impermeable for other components. They can
be made from different materials such as metals, ceramics and polymers
(Melin and Rautenbach, 2007). Different definitions exist for membrane re-
actors (MR), including or excluding different border cases. The International
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Union of Pure and Applied Chemistry (IUPAC) defines a membrane reactor
as a device for simultaneously carrying out a reaction and membrane-based
separation in the same physical enclosure (Koros et al., 1996). According to
a wider definition any reactor in which a chemical reaction is performed in
presence of a membrane is called membrane reactor (Saracco and Specchia,
1994). When the reactants pass a membrane unit downstream the reactor
vessel and are recycled to the reactor, the behavior of the system is often
equivalent to that of a membrane in the reactor (Sirkar et al., 1999). Includ-
ing these cases, the following definition can be concluded (Sanchez Marcano
and Tsotsis, 2002):
A membrane reactor is a combination of a chemical reaction with a mem-
brane process, in which membrane and reaction are integrally coupled creat-
ing synergies. Frequently both functions are housed in a single unit.
In a membrane reactor the membrane can fulfill different functions (Julbe
et al., 2001):
• Selectively remove the products from the reaction mixture (Extractor),
• Control the addition of reactants to the reaction mixture (Distributor),
• Intensify the contact between reactants and catalyst (Contactor).
A variety of combinations of these functions is possible, but the classification
demonstrates the diverse applications of combining membranes and reactions.
The combination of biological reactions with membrane separations is state
of the art technology and applied industrially since the 1950s. Due to the
low temperature and pressure range commercial organic membranes can be
used for most applications. The basic principles selective product removal,
retention of biocatalyst and selective substrate addition correspond to those
mentioned for chemical reactions. That is why membrane bioreactors will not
be further discussed in this work. A comprehensive review on applications
and perspectives of membrane bioreactors is given for example by Giorno
and Drioli (2000).
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Fundamentals of membrane processes
A module is a membrane arrangement with at least one fluid connection on
either side of the membrane. On the upstream side the stream entering the
module is called "feed", a stream leaving on this side contains the retained
components and is therefore called "retentate". On the downstream side the
stream leaving the module contains the components that have passed the
membrane and is called "permeate", a stream entering the module on the
downstream side is called "sweep".
Two parameters are important for the assessment of membrane separa-
tions: Permselectivity describes the ability of the membrane to discriminate
between two components of a mixture, permeability quantifies the perme-
ate flow per membrane area. For the selection of an appropriate membrane
additionally the investment cost for membrane material and production as
well as the chemical, thermal and long-term stability have to be considered
(Melin and Rautenbach, 2007).
Membrane separations are kinetically driven. That is why a desired in-
crease of permeability is often connected with a reduced selectivity. The
driving force is usually a pressure or partial pressure gradient, respectively.
Porous membranes retain particles or molecules that are larger than the pore
size. For gas separations the ratio between mean free path of the molecules
and the pore size is important for the transport mechanism. In dense (i.e.
non-porous) membranes the permeation rate of different components and
thus the permselectivity is primarily defined by the solubility and mobility
of the components in the homogeneous membrane phase.
Organic polymer membranes are established for low temperature appli-
cations, especially in membrane bioreactors. Porous organic membranes are
usually made of polysulfone, polyacrylnitrile or polypropylene; dense organic
membranes of silicone, perfluorpolymers, polyimide or polyamide.
Inorganic membranes generally have the advantage of an increased range
of applications concerning temperature and chemical stability. That is why
for catalytic reactions almost exclusively anorganic membranes are used. Dis-
advantageous are the costly fabrication and the difficult sealing which mostly
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imply considerably higher investment costs. Dense inorganic membranes are
either composed of noble metals (Pd, Pt, Ag and alloys) or of conductive
ceramics (perovskites, modified zirconia). They feature high selectivities and
almost exclusive permeation for hydrogen or oxygen.
The most important H2 permselective membrane material is palladium.
Hydrogen molecules adsorb dissociatively on the membrane surface, H-atoms
are incorporated in the metal lattice and diffuse through the lattice until
they desorb on the surface recombining to molecular H2. During sorption of
the atomic hydrogen the Pd-lattice expands, leading to embrittlement and
crack formation. Addition of alloy metals such as Ag, Cu or Ni strongly
reduces this problem (Gryaznov and Orekhova, 1998). Mixed conductive
perovskite membranes are dense inorganic membranes from crystalline mixed
metal oxide, which allow an extremely selective permeation of oxygen in the
temperature range between 600 ◦C and 1000 ◦C. Silver membranes are also
very permselective for oxygen (Saracco and Specchia, 1994).
Porous inorganic membranes are made from a variety of materials: Noble
metals, alloys and stainless steel, ceramics such as aluminum oxide, silicon
oxide, titanium oxide, zirconium oxide, zeolites, carbon or diverse glasses.
Concerning membrane reactors the most interesting question is if the mem-
brane material itself is catalytically active or if catalytically active material
can be incorporated into the pore structure. Reviews on the application
of porous ceramic membranes in catalytic reactors have been published by
Julbe et al. (2001) and Coronas and Santamaria (1999).
Composite membranes are supposed to combine the permselectivities of
dense or microporous membranes with the permeabilities of macroporous
membranes. They are usually composed of different materials forming an
asymmetrical structure. A thin separation layer is responsible for the perms-
electivity, whereas a porous support layer made of ceramics, glass or metal
accounts for stability and allows relatively high permeability.
Saracco and Specchia (1994) and Zaman and Chakma (1994) give com-
prehensive reviews on the applications of the different membrane types as
membrane reactors.
2.2. MEMBRANE REACTORS 11
A + B P
Q
A + B ↔ P + Q
Selective
Product Removal
C
A PC
Catalyst
Retention
A → P
Figure 2.1: Principles of extractor membrane reactors
2.2.1 Extractor Membrane Reactors
The most common type of membrane reactor works according to the ex-
tractor principle. This can be further differentiated into "selective product
removal", which means that only the product permeates through the mem-
brane and "catalyst retention", describing that all components except the
catalyst permeate (Fig. 2.1).
Selective product removal
One component that is generated in the chemical reaction is continuously
and selectively removed from the reaction mixture. If the reaction is limited
by the thermodynamic equilibrium, the hypothetic equilibrium conversion,
that can be reached in a closed system, can be outperformed by reducing the
activity of the removed component (Dixon, 2003).
In addition to the equilibrium shift, this mode of operation can reduce
undesired side or sequential reactions. If the reaction rate of the undesired
secondary reaction is higher than that of the primary reaction, the reaction
selectivity can be significantly increased by removing the desired intermedi-
ate species. If one of the products acts as inhibitor, as in some fermentations,
removing this product strongly improves the reactor productivity. Further-
more MR allow much higher substrate concentrations (Sirkar et al., 1999).
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A further advantage of selectively removing the valuable product lies in
avoiding further separation steps or at least in reducing the separation effort
by increased product concentrations.
To generate a driving force for permeation, the partial pressure of a com-
ponent on the permeate side has to be smaller than that on the feed side.
This can be accomplished by a difference in absolute pressure, by dilution of
the permeate side with an inert component or by applying a reactive sweep
gas.
The most frequent applications of extractor membrane reactors are cat-
alytic dehydrogenations of light alkanes or reactions for hydrogen generation,
such as steam reforming or water-gas-shift, applying H2-permselective mem-
branes. Dittmeyer et al. (2001) give an extensive overview on the applica-
tion of different Pd-based membranes for dehydrogenation reactions. Water-
permeable membranes, such as zeolite or pervaporation membranes can be
applied for esterification reactions (Lipnizki et al., 1999) or Fischer-Tropsch
synthesis (Espinoza et al., 2000).
Catalyst retention
The main function of the membrane can also be the retention of a homoge-
neous or heterogeneous catalyst or of precious smaller ligands, allowing the
permeation of the residual reaction mixture. This concept is especially pop-
ular in biocatalytic applications (Giorno and Drioli, 2000) and can be either
realized by immobilizing the catalyst on the membrane surface or by a mem-
brane filtration with a solved or dispersed catalyst. In case of homogeneous
catalysts, the alternative process of thermal recovery is often uneconomic due
to low concentrations and can lead to deactivation of the catalyst.
The concept of immobilizing a catalyst of small molecule size on an easily
retainable soluble polymer is well-known for enzymes (Rios et al., 2004) but
can also be transferred to chemical reactions (Wöltinger et al., 2001).
Immobilization is often difficult and usually reduces the catalytic activity.
In this case catalyst retention by nanofiltration (NF) can be a reasonable
alternative, when chemical and physical stability of the membrane can be
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guaranteed. A field of application is the chiral catalysis, where expensive
metal complexes are used as homogeneous catalysts with high reactivity and
enantioselectivity, which are not allowed to appear in the product (Kragl and
Dwars, 2001).
2.2.2 Distributor Membrane Reactors
The distributor principle is the second field of application for permselective
membranes in chemical reactors. One reactant is specifically added to the
reaction mixture across a membrane. Within this concept, a membrane can
fulfill two completely different functions: Even distribution of the limiting
reactant along the reactor can prevent hot spots and side reactions. On the
other hand, the membrane can be used as upstream separation unit, selec-
tively dosing one component from a mixture (e.g. O2 from air). In the latter
case the coupling of separation and reaction lies in an increased driving force
for permeation as the permeating component reacts directly after permeation.
Both functions can of course be combined. Fig. 2.2 shows a sequential re-
action with the desired product P and the undesired product Q performed
in a distributor membrane reactor. Selective addition of component B leads
to a continuously low concentration of B. Assuming power law kinetics, a
MR can reach a higher selectivity to product P than a conventional reactor,
if the reaction order of component B in the desired reaction is smaller than
in the undesired reaction. As component A is consumed along the reactor
length, one remaining problem is the reduction of the ratio of A to B along
the reactor, if B is constantly added. This phenomenon is aggravated by the
influence of the pressure drop along the catalyst bed on the permeate side of
the membrane, which leads to an increasing pressure gradient and therefore
to an increasing permeation rate towards the reactor end (Armor, 1995). An
additional problem for the application of porous membranes is backdiffusion
of component A across the membrane.
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Controlled
Reactant Addition
Selective Addition
from Mixture
A P
B
A + B → P 
P + B → Q A + B → P 
B + D D
A P
B
Figure 2.2: Principles of distributor membrane reactors
Partial oxidation reactions
Gas phase partial oxidation of hydrocarbons is a typical example for systems
with competing reactions. Usually the intermediate products react more
intensively with oxygen than the reactants, thus a controlled addition of O2
can prevent total oxidation. In most applications of the distributor principle,
the membrane is used to control the oxygen concentration along a fixed bed
catalytic reactor within certain boundaries (Sanchez Marcano and Tsotsis,
2002). In some cases it is more suitable to permeate the other component
across the membrane as Peña et al. (1998) report for the epoxidation of
ethylene.
Due to the high permselectivity of certain dense membranes towards oxy-
gen, the use of air on the feed side of the MR is possible. For satisfactory
permeability these membranes need temperatures above 700 ◦C. As almost
exclusively reactions with methane are performed in this temperature range,
the main applications of dense membranes in distributor membrane reactors
are the oxidative coupling of methane (OCM) and the partial oxidation of
methane to syngas (GTL = gas to liquid).
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Coupling of reactions
A sweep gas on the permeate side dilutes the permeating component and
thereby reduces its chemical potential. By means of a reactive sweep gas
the chemical reaction on the permeate side further increases the gradient
of the chemical potential and thus the driving force for permeation. For
example if the dehydrogenation of cyclohexanol is performed with synthetic
air as reactive sweep gas instead of nitrogen, the conversion can be increased
(Schramm and Seidel-Morgenstern, 1999).
The potential of combining extractor and distributor principle by si-
multaneously performing a catalytic dehydrogenation reaction on the feed
side of a membrane and a hydrogenation reaction on the permeate side has
been investigated early. The reaction on the permeate side maintains the
chemical potential gradient. Energetic coupling of two reactions also al-
lows for autothermal operation, when an exothermic reaction provides the
energy for an endothermic reaction. For instance the endothermic steam re-
forming of methane can be combined with an exothermic partial oxidation
(Sanchez Marcano and Tsotsis, 2002).
2.2.3 Contactor Membrane Reactors
The two-sided geometry of membranes allows for different options to bring
reactants into contact. Especially interesting are the concepts interfacial
contactor, which can separate either different phases or different reactants of
the same phase, and forced flow-through, where the reactants are fed from
the same side of the membrane (fig. 2.3).
Gas-liquid contactor
In a multi-phase contactor the membrane controls the contact between dif-
ferent phases of a reaction mixture. The membrane can spatially separate
gas-liquid or aqueous-organic systems and is often catalytically active.
A membrane reactor with a gas and a liquid flowing on different sides
of the membrane is also called "catalytic diffuser" (Dittmeyer et al., 2001).
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Interfacial
Contactor
Forced
Flow-Through
A
C
B
CA + B → PCA + B → P
P
P A + B
P
CC C
Figure 2.3: Principles of Contactor Membrane Reactors
The catalytically active layer faces the liquid side, capillary forces suck the
liquid into the pores as far as the transmembrane pressure allows. The gas
diffuses through the macroporous support layer and dissolves in the liquid
at the interface. The solute further diffuses through the liquid filled pores
and reacts at the catalytically active centers at the pore walls. Due to the
pressure gradient, the reaction products preferentially diffuse in direction of
the liquid side.
The addition of reactants from different sides of a membrane allows inde-
pendent tuning of the streams. The gas pressure can be varied between the
wetting pressure of the support layer and that of the active layer. Additional
substances can be targeted to the catalytic region without mass transport
resistances. Even for low solubilities high pressures are not required, because
the gas is supplied directly where it is consumed.
An exemplary application is the selective oxidation of light alkanes under
mild conditions by means of super acidic catalytic membranes (Sanchez Mar-
cano and Tsotsis, 2002). The concept is also interesting for liquid phase
hydrogenations as hydrogen is poorly soluble in organic liquids.
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Aqueous-organic contactor
The selective oxidation of hydrocarbons by phase transfer catalysis is com-
monly performed in stirred tank reactors with subsequent product separation.
The oxidant is located in the aqueous phase, the hydrocarbons form the or-
ganic phase. Important parameters are a large interface for intensive phase
contact but also preferably low emulsification for simple phase separation. If
a microporous membrane is used as contactor supplying the oxidant, aqueous
and organic phase stay separated and no solvent is required (Dixon, 2003).
Unselective interfacial contactor
Two different reactants of the same phase are separated by a porous mem-
brane, forming an interface inside the membrane. The reactants remain sep-
arated until they reach the catalytically active centers on the pore surface,
where a controlled reaction front is formed. In this arrangement a permse-
lectivity is not required, the membrane only supplies the reaction zone. The
partial pressure difference forces the reactants to diffuse towards each other
until they meet in the catalytic zone. If the reaction is faster than the mass
transport in the membrane, a reaction front is formed which prevents the
permeation of unreacted components. Due to automatic adjustment of the
reaction front, the concept is especially interesting for systems with fluctu-
ating concentrations.
An exemplary application is the controlled catalytic combustion for en-
ergy recovery. The conversion can easily be controlled by varying the pressure
difference. The separation of reactants prevents runaway (Dixon, 2003). This
reactor type can also be used for the complete conversion of pollutants, as
proven by Zaspalis et al. (1991) with the selective catalytic reduction of nitric
oxide with ammonia to nitrogen and water.
The unselective interfacial contactor is the concept most closely related to
the flow-through catalytic membrane reactor. Both use unselective catalytic
membranes and in both concepts the membrane provides the reaction space.
Consequently the applications are somewhat similar. The difference is, that
in the interfacial contactor mode the reactants are fed from different sides of
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the membrane, whereas in forced flow-through mode the premixed reactants
are supplied from the same side in dead-end mode, creating a completely
different reactor behavior.
Forced flow-through
In this concept an unselective porous catalytic membrane is applied in dead-
end mode, forcing the reactants to flow through the membrane. The function
of the membrane is to provide a reaction space with short controlled residence
time and high catalytic activity. In classical fixed bed reactors the conversion
is limited by pore diffusion. If the catalyst is placed inside the membrane
pores and the reactants flow convectively through the pores, the resulting
intensive contact between reactants and catalyst leads to high catalytic ac-
tivity. As this concept is the main topic of this work, an extensive review
on applications of membrane reactors in forced flow-through configuration is
given in the separate chapter 2.3.
2.3 Flow-Through Catalytic Membrane Re-
actors
Catalytic membranes without separative function have successfully been ap-
plied as microstructured reactors (Dixon, 2003). If the reactant mixture is
forced to flow through the pores of a membrane, which have been impreg-
nated with catalyst, the intensive contact allows for high catalytic activity
with negligible mass transport resistances (Zaspalis et al., 1991). Several
review articles mention this topic as a special type of membrane reactors
(Saracco and Specchia, 1994, 1998; Saracco et al., 1999; Dixon, 1999, 2003;
Sirkar et al., 1999; Julbe et al., 2001; Sanchez Marcano and Tsotsis, 2002;
Dittmeyer et al., 2004; Schomäcker et al., 2005; Westermann and Melin,
2005).
In the early 1990s this setup was still regarded a less investigated concept
(Saracco and Specchia, 1994). Dixon (1999) identified the control of contact
time as a promising area for membrane reactor research. In 2003 the same
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author already observed increased use of membranes to control the contact
time of reactants and catalysts, particularly in the flow-through configura-
tion and forecasted it to become a strong third area of catalytic membrane
reactor research amongst the permselective extractor and distributor mem-
brane reactors (Dixon, 2003). Schomäcker et al. (2005) first published a
review dealing exclusively with flow-through catalytic membrane reactors
(FTCMR), differentiating between gas phase integral reactors with stoichio-
metric feed of reactants and liquid phase differential reactors consisting of a
loop of a membrane module and saturation tank.
The work at hand intends to give an exhaustive overview on the research
results obtained with this reactor configuration as published in the recent
20 years. The works known to the author feature a variety of subconcepts.
The motivation for applying a FTCMR is either the aim to reach complete
conversion in minimum time or space, taking advantage of the high catalytic
efficiency, or to reach maximum selectivity for a given reaction due to the nar-
row contact time distribution. As an attempt to give a systematic overview,
the publications are structured into three concepts:
• Complete conversion integral FTCMR are designed to reach complete
conversion in a single pass. They are mostly applied to gas phase
reactions, with a few exemptions of multi-phase reactions (Subsec-
tion 2.3.1).
• Selective integral FTCMR try to achieve optimum selectivity in a single
pass through the catalytic membrane. They are also preferably used for
fast gas phase reactions, mainly partial hydrogenations and oxidations
(Subsection 2.3.2).
• Selective differential FTCMR are operated in a semi-batch mode in a
loop of membrane module and a saturation tank, causing only small
conversions per pass, with the aim of reaching high selectivities. They
have exclusively been investigated for partial hydrogenations in liquid
phase, which are limited by the low solubility of hydrogen (Subsec-
tion 2.3.3).
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2.3.1 Complete Conversion Integral FTCMR
In this mode of operation the premixed reactants flow through the catalytic
membrane in a single pass with the aim of reaching complete conversion,
taking advantage of the high catalytic efficiency caused by the intensive con-
tact between the reactants and the catalyst. This mode has been applied to
several gas phase reactions, such as isomerization of 1-butene or conversion
of CO. The most applications are in the area of decomposition of volatile or-
ganic compounds (VOC), including photocatalytic oxidations. An overview
of the applied catalytic membranes and the performed reactions is given in
Table 2.1.
Gas phase reactions
The first application of a catalytic membrane as flow-through reactor is re-
ported by Yamada et al. (1988). By means of anodic oxidation of aluminum
plates and subsequent removal of the membranes from the substrate, cat-
alytic membranes are prepared with a thickness of 5 to 50µm for single-
sided oxidation and 50 to 100µm for double-sided oxidation respectively. In
the reactor setup the fluid permeates from one side to the other through
the catalytic membrane. For the model reaction isomerization of 1-butene
the membrane reactor shows similar or sometimes higher catalytic activity
compared to powder of anodized alumina film.
For the preprocessing of gas mixtures in gas analyzing systems, Splinter
et al. (2002) design a micro membrane reactor as flow-through system. In or-
der to increase the sensor selectivity, CO is converted to CO2 while passing
through the catalytic membrane. The reactor is fabricated by a combina-
tion of anisotropic silicon etching to create the membrane and porous silicon
technology to perforate the membrane. The advantage of porous silicon as a
flow-through system is the adjustable pore diameter (here: 4 to 8 µm) with
a high open porosity, a large reactive surface and a ramified structure, which
is supposed to enable gas turbulence. The membrane area is smaller than
a square millimeter resulting in porous silicon surfaces between 8.6 cm2 and
39.4 cm2. The applied gas molecule retention times are around 1 ms. The
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silicon substrate is simmered into Pd(acac)2 dissolved in toluene in order to
cover the pore walls. The complete porous silicon surface area of approx.
100 m2/cm3 is thus covered with a Pd-layer of 700 nm. In comparison to
an overflowed porous surface or a micro reaction chamber the "flow-through"
membrane shows an optimized conversion factor, a low dead volume and
small dimensions. The time of reaction depends on the membrane thickness.
Active area and retention time can be adjusted to convert nearly 100 % of
the specified gas.
VOC decomposition
For potential application in flue gas cleaning, Saracco and Specchia (1995)
and Saracco and Montanaro (1995) catalytically activate ceramic porous fil-
ters by applying a γ-alumina layer. While the filter mechanically removes the
particles, the catalytically active membrane decomposes the chemical pollu-
tants such as NOx and VOC that are forced to flow through it. The capability
of the filters is assessed by performing the dehydration of isopropanol which
is catalytically promoted by the γ-alumina itself. Nearly complete conversion
can be achieved for superficial velocities of industrial interest (1 m3N/m2s) .
The concept of a FTCMR working in the Knudsen-Diffusion range is
investigated for complete combustion of VOC by Pina et al. (1996). In a
commercial MF-membrane with a γ-Al2O3 separation layer and pore diam-
eters of 200 nm a further γ-Al2O3 phase is deposited by the sol-gel method
and catalyst is introduced by wet impregnation. The catalyst is activated
with H2 at 400 ◦C for two hours. The Pt loading on the membranes is de-
termined as 0.13 wt% by UV-vis of the impregnation solution. A lean VOC-
containing stream (100 to 5100 ppm toluene) is forced to permeate through a
Pt/Al2O3 catalytic membrane operating in Knudsen diffusion regime to pro-
vide intimate contact between the VOC molecules and the combustion sites,
minimizing the diffusion resistances present in other systems and providing
highly efficient use of the catalyst. A total gas flow of 0.4 to 1.0 L/min results
in superficial velocities of 3 to 7.5 m/h with considerable pressure drops of
0.18 to 0.35 bar. Laminar and Knudsen contributions to the total flux are
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evaluated from permeation experiments with oxygen at room temperature.
If the permeation flux is plotted against the average pressure, the slope rep-
resents the viscous contribution and the intercept the Knudsen contribution.
The minimum temperatures to achieve complete conversion are reported to
be considerably low.
While the investigations of Pina et al. are limited to the Knudsen regime,
Zalamea et al. (1999) apply mixed-regime catalytic membranes to the com-
bustion of volatile organic compounds. Identifying the considerable pressure
drop as the major drawback of the Knudsen diffusion system, the applica-
tion of membranes with wider pores is an obvious alternative. The increased
pore size results in significant Knudsen and laminar contributions. On the
support membranes with a homogeneous tubular structure, 2 to 3 wt% of
γ-Al2O3 is deposited as well as 0.15 % of Pt catalyst by wet impregnation.
The catalytic membranes show a BET surface of 5.9 m2/g, while most of
the pore volume is contributed by large pores (2 to 10µm). The relative
contributions of the Knudsen and laminar terms to the permeation flux are
again determined by performing permeation experiments. The temperatures
required for complete conversion in the mixed regime membranes with higher
laminar contribution are compared with those of the asymmetric membranes
with high Knudsen contribution. As expected the temperatures required in
the Knudsen regime are lower at the expense of a much higher pressure drop.
Taking into account the operating costs, a mixed permeation regime may be
preferred in spite of an increase in combustion temperature by 15 to 50 ◦C.
Photocatalytic oxidation
Maira et al. (2003) investigate the effect of the flow configuration on the gas
phase photocatalytic oxidation of trichloroethylene, applying two different
catalytic membranes and a catalytic stainless steel plate. While both the
catalytic stainless steel plate and the hybrid zeolite-TiO2 membrane-catalyst
show catalytic activity in parallel flow mode, the conversion can be radi-
cally increased by switching to flow-through mode or a mixed flow mode
respectively. Regarding selectivity, the membrane-catalyst outperforms the
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catalytic plate, which is explained with a possible retention of larger pollutant
molecules by the membrane.
The gas-phase oxidation of methanol as a model volatile organic compo-
nent in a photocatalytic membrane reactor is studied by Tsuru et al. (2003).
After fabricating TiO2 membranes with pore sizes of several nanometers on
cylindrical α-alumina microfiltration membranes, the decomposition rate of
methanol is investigated. An air stream with a methanol load of 1000 ppm is
fed to the shell side of the membrane tube, which is irradiated with blacklight
lamps to catalyze the generation of OH radicals on the TiO2 surface. Two
different flow patterns are applied: In the first mode without permeation, the
product stream is also taken from the shell side, allowing the reactants to
contact the catalytic surface by diffusion only. In the second mode with per-
meation, the reactants leave the reactor on the tube side of the membrane,
forcing them to flow convectively to the surface and through the membrane
pores and thus providing for more efficient contact between the reactants
and the catalytically active TiO2 surface. A higher decomposition rate is ob-
served for the reactor mode with membrane permeation. This is contributed
to two factors: the enhanced transport to the surface by forced convection in
addition to the transport by diffusion as well as to the utilization of a larger
surface area. For a single pass through the membrane, the authors conclude
a uniform residence time for the reaction.
2.3.2 Selective Integral FTCMR
This mode of operation is very similar to the one described in the previous
section, as the premixed reactants flow through the catalytic membrane in
a single pass. The subdivision into two separate sections is chosen, because
the application to sequential reactions implies an additional motivation and
therefore additional requirements towards the membrane. In addition to the
high catalytic efficiency of FTCMR, the concept takes advantage of a narrow
residence time distribution, limiting sequential reactions towards undesired
byproducts. Thus a regular pin-hole free microstructure is essential to pre-
vent maldistribution effects. Intrinsic maldistribution effects are well known
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for monolithic reactors (Kreutzer et al., 2005), but can hardly be directly
measured for membrane reactors due to the smaller scale and lack of dis-
tinction between separate channels. Thus, sequential reactions with desired
intermediate products are commonly performed as indirect proof of the nar-
row residence time distribution compared to competing reactor concepts.
The integral membrane reactor setup has been applied to several sequen-
tial reactions, mainly in the gas phase, such as partial oxidation, partial
hydrogenation, oligomerization or coupling reactions of hydrocarbons. Only
in a few cases a liquid phase is present during the reaction, allowing for the
term "three-phase reactor". The applied membranes, reactions and catalysts
are summarized in Table 2.2.
Partial oxidation reactions
The first application of the FTCMR concept for selective reactions dates
back to the early 1990s, when Zaspalis et al. (1991) use non-separative cat-
alytically active alumina membranes for the dehydrogenation of methanol
to formaldehyde. Two different configurations are investigated: In mode A
both reactants enter from the same side but the products are allowed to
leave on both sides of the membrane, in mode B all the feed is forced to
diffuse through the membrane. In both configurations the membranes ex-
hibit a high catalytic activity for the dehydrogenation of methanol, but the
reactant configuration and the mode of operation are regarded as important
parameters for the performance of a catalytic membrane reactor. In mode A
a preferential distribution of the products on opposite sides of the membrane
is observed due to different diffusion paths resulting in different contact times
with the catalyst. High purging rates on the permeate side increase the ac-
tivity of the membrane by preventing backdiffusion. The flow-through mode
B leads to maximum conversions but minimum selectivities due to compara-
tively high residence time of methanol in the catalytically active layer. The
observed activity per gram of material is up to ten times higher than in a
comparable tubular reactor with a catalytic bed of the same material. This
is attributed to the higher effective surface area accessible to the reactants.
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The heterogeneously catalyzed selective epoxidation of propylene in a
flow-through membrane reactor is studied by Kobayashi et al. (2003). Three
different catalysts (Cs-Ag, Re-Ag and Ag2O) are immobilized in the pores of a
micro-porous glass membrane and applied to three different reactor systems:
A convection-flow reactor, a diffusion flow reactor and a packed-bed-flow re-
actor. Reaction rates are determined for CO2 and propylene oxide, keeping
the total conversion of propylene below 10 %. Comparing the three immo-
bilized catalysts, the selectivity towards propylene oxide increases with the
amount of intermediate formed on the catalyst, which strongly depends on
the types of catalyst and the reactor system. The highest selectivity towards
propylene oxide is achieved with the convection-flow reactor and Re-Ag cata-
lyst, demonstrating hysteresis kinetics depending on the increase or decrease
in the propylene concentration. The convective flow through the membrane
pores effectively enhances the selectivity towards propylene oxide.
After attempts to improve reaction yield and selectivity by means of inert
membrane reactors in distributor or extractor mode, Zhu et al. (2003) apply
a catalytic membrane reactor in flow-through mode to the selective oxidation
of propane to acrolein. Benefits are expected from the high contact surface
combined with a short and controlled contact time in the 5 to 10µm thin cat-
alytic layer in order to prevent total oxidation. A tubular mesoporous mixed
oxide catalytic membrane with a length of 6 cm is generated by means of a
modified sol-gel-method. The catalytic reaction is carried out at 400 ◦C at
atmospheric pressure. The FTCMR, operated with reactants flowing from
shell to tube side, is compared with a fixed bed reactor (FBR), the liquid
products are collected in a cooling trap. For the FTCMR the catalyst load-
ing is 50 to 100 mg, whereas the FBR is loaded with 2 g of catalyst. The
experimental results are limited to a comparison of the selectivities without
giving numbers for conversion or yield. In the FTCMR selectivities towards
acrolein higher than 50 % are reached, compared to less than 10 % for the
FBR, which produces mainly methanol and acetic acid in the liquid phase
product.
Pellin et al. synthesize mesoporous ultra-uniform inorganic catalytic mem-
branes by a combination of anodic alumina oxidation and atomic layer de-
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position (Pellin et al., 2005; Stair et al., 2006). Pore diameter and pore wall
composition can be controlled along the entire pore length. The pores of
anodic alumina membranes (thickness 70µm) with initial pore diameters of
40 nm are coated with a thin alumina layer of 1 nm or 15 nm respectively,
resulting in pore diameters of either 38 or 10 nm. The catalytic performance
of the membranes is compared to that of an uncoated alumina membrane,
after adding one monolayer of vanadium oxide each. Additionally, the mem-
branes are compared to a conventional high surface area γ-alumina powder
catalyst with vanadium oxide impregnation. As a test reaction, the oxidative
dehydrogenation of cyclohexane is studied at temperatures of 450 ◦C, yielding
higher selectivities for the partial oxidation product cyclohexene for all three
catalytic membranes compared to that of the catalytic powder. The observed
reduction of secondary reactions is attributed to a decrease of contact time
by a factor of 1 000 - 10 000 compared to the conventional catalyst bed. For
higher temperatures the specificity of the membrane is reported to decrease,
but in all cases the membranes outperform conventional supported alumina
catalysts. While the conversion of O2 and C6H12 is lower for the 10 nm mem-
brane than for those with larger pores, the conversion per mole vanadate is
significantly higher. With the same approach the oxidative dehydrogenation
of propane is examined (Mucherie et al., 2007). Catalytic layers composed of
vanadium species supported on different metal oxides (Al2O3, Nb2O5, TiO2)
are compared. Highest reactivity is observed for TiO2, which is attributed to
the highest dispersion, whereas the selectivity at 3 % conversion is highest
for the Al2O3 based catalyst.
In order to develop a model capable of predicting the transport and kinetic
behavior inside these nanostructured catalytic membrane reactors fabricated
by anodic oxidation and atomic layer deposition, a computational study is
performed by Albo et al. (2006). The selective oxidation of hydrocarbons is
chosen as model reaction to assess the prevention of over-oxidation taking
advantage of the short contact time. Starting from detailed atomistic molec-
ular dynamics simulations in pores with diameters between 10 and 150 nm,
Knudsen diffusion is identified as the dominant mass transfer mechanism,
accentuated in the smaller pores and at lower pressures, whereas surface
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diffusion is only present at temperatures below 700 K. Based on these re-
sults, the number and location of hits between the particles and the wall are
calculated as well as the residence time of the particles and the transport
diffusivity. Regarding the distribution of hits along the pore length, the tra-
jectories that reach the opposite end of the pore concentrate the maximum
number of hits at the center of the pore and the minimum at the extremes.
On the other hand, the trajectories that return to the initial point have the
maximum amount of hits near the entrance of the pore and the fraction of
the total hits drastically decreases with the distance from the entrance. As
atomic layer deposition allows for the generation of cylindrical pores with
multiple sections of different diameters, the calculations are later extended
to account this modified geometry (Albo et al., 2007).
The geometry of membranes allows the creation of distinct catalytic lay-
ers. These can be used to thermally and chemically couple reactions. Alfonso
et al. (2001) apply such a multilayered flow-through catalytic membrane to
consecutively carry out the oxidative and non-oxidative dehydrogenation of
butane. The oxidative dehydrogenation layer is prepared by sequential im-
pregnation with V supported on MgO. The second layer is prepared by sol-
gel procedures with Pt-Sn on γ-Al2O3. A premixed butane/oxygen/inert
feed with an excess of butane enters the membrane and takes part in two
consecutive reactions at the two different catalytic layers. The oxidative
dehydrogenation of butane takes place in the first layer, which contains a
V/MgO catalyst, consuming most or all of the oxygen in the feed. The prod-
uct stream of the first reaction subsequently enters the second catalytic layer
(Pt-Sn/γ-Al2O3), where the non-oxidative dehydrogenation takes place. The
endothermic non-oxidative dehydrogenation step consumes the heat gener-
ated in the first reaction (thermal coupling), and dehydrogenate both the
unreacted butane and the formed butene. Additionally, the byproducts of
the first step, CO2 and steam, are expected to act effectively as inhibitors of
coking in the second catalytic layer. If the catalytic materials in both layers
can be segregated and the reaction is operated such that complete oxygen
consumption is obtained within the oxidative layer, the two-layer membrane
reactor allows for stable operation with high conversion and selectivity.
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Schuessler et al. (2001) develop a reactor design for the autothermal re-
forming of methanol for mobile applications. The concept is based on flowing
through a stack of thin porous catalytic disks. Although this setup is not ex-
plicitly called a membrane reactor it features all the aspects of an FTCMR.
Autothermal reactors usually have high temperature gradients in the cat-
alytic zone, which in case of the reforming reaction leads to the formation of
the undesired by-products carbon monoxide and methane. To reach nearly
isothermal conditions, the heat conduction in the catalytic bed must be im-
proved and the length of the passage limited to a few millimeters. To achieve
these requirements the Cu/ZnO catalyst particles (5 to 20µm) are mixed
with copper powder and pressed to porous disks, which are subsequently
sintered at moderate temperatures. The resulting mixed-matrix metal mem-
branes are catalytically active, efficiently transport heat and provide an open
structure for mass transport. This allows for an operation at optimum tem-
perature, resulting in high reaction rates and selectivities. Additionally the
uniform flow distribution is beneficial for the dynamic behavior of the re-
actor, resulting in negligible fluctuation of stack temperature and product
concentration even for feed rate steps with a factor of 20.
A concept that can erroneously be considered a FTCMR is presented by
Liu et al. (1996), who perform the partial oxidation of methane to methanol
in a non-isothermal reactor, which contains a non-permselective membrane
with a pore diameter of 5 nm in the active layer. In this case the task of
the membrane is to provide a uniform flow distribution and to separate the
hot reactor wall from the inner cooling tube with temperature differences
around 450 K. After passing through the membrane the reaction products
are quenched in the cold region preventing further reactions. The selectivity
for CH3OH formation at 4.6 % conversion increases from 34 to 52 % when
quenching is used. Although initially designed as catalytic membrane reactor,
it turns out that the reaction is equally fast in absence of catalyst and thus
the catalyst is omitted. Thus the membrane controls the residence time in
the hot zone and evenly distributes the reactants to the cooling zone by
providing a uniform flow resistance, but the reaction does not take place
inside the membrane pores.
2.3. FLOW-THROUGH CATALYTIC MEMBRANE REACTORS 31
Partial hydrogenation reactions
Lange et al. (1998) introduce the concept of single-file diffusion to catalytic
membrane reactors. In the idealized case of single-file diffusion through a thin
membrane with very narrow pores the molecules cannot pass each other,
resulting in an effective prevention of secondary reactions. The result is
a one-dimensional movement through the membrane brought about by a
pressure gradient. The required microporosity is only available with zeolites
or sol-gel materials. An asymmetric ceramic support with pore sizes of 5 nm
in the active top layer (thickness 0.2 to 0.4µm) is applied to the selective
hydrogenation of hexenes. Pt is chosen as catalyst in spite of its rather
poor selectivity for selective hydrogenation reactions in order to emphasize
the influence of the mass transfer resistance. In a special disc membrane
reactor, the membrane is situated on a perforated supporting metal plate
(dh = 1 mm) with carbon gaskets on top of the membrane and below the
supporting plate. The observed hydrogenation activity is significantly higher
than with comparable batch catalysts, while the prevention of back-mixing
increases the selectivity. The observed selectivities for 10−7mol of catalyst
in the membrane and a flow rate of 10 to 15 mL/min are reported to be
the highest observed with an unmodified Pt catalyst. The extremely low
permeability of the membrane represents the major drawback of the reactor.
Lambert and Gonzalez (1999) investigate the activity and selectivity
of the partial hydrogenation of the hydrocarbons (HC) acetylene and 1,3-
butadiene in a catalytic membrane reactor. The active Pd/γ-Al2O3 mem-
brane layer is prepared by the sol-gel method on a macroporous γ-Al2O3
tube used as support. The measured pore diameter of 3.6 nm allows for gas
separation by Knudsen diffusion. The reactions with 10 % HC/Ar mixtures
and different HC/H2 ratios are performed both with separated feed of reac-
tants and in premixed mode, where H2 is added to the reactant stream and
fed from the tube side. The hydrogenation reactions performed in premixed
mode result in the highest selectivity to the partially hydrogenated products
while maintaining high conversion without any loss of hydrocarbon species.
For the acetylene reaction a high selectivity of ethylene (85 %) at reasonably
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high conversions (76 %) is obtained with an excess of H2 (H2/C2H2 = 8) and
a temperature of 200 ◦C at a total flow rate of 18 mL/min. The increased
selectivity is explained with the decreased contact time between acetylene
and the catalyst.
The term "short contact time reactor" is used by Vincent and Gonza-
lez (2002) for their FTCMR, pointing out the major advantage compared
to other reactor concepts. The selective hydrogenation of acetylene is per-
formed by forcing a dilute C2H2/H2/Ar mixture through a thin Pd/γ-Al2O3
catalytic membrane (thickness 5µm). The membranes are prepared by dip-
ping a porous γ-Al2O3 tube substrate into a boehmite sol and subsequent
calcination at 400 ◦C. The tubular membrane is connected to glass tub-
ing with a high-temperature ceramic adhesive. The flow is forced radially
through the membrane into the shell. High conversions coupled with a high
selectivity are observed, the latter increasing with temperature. The analysis
aims at determining whether the membrane can be considered a thin film, if
Knudsen diffusion is contributing and if a critical membrane thickness exists
for ethylene selectivity and conversion. A one-parameter dispersion equation
is chosen to model the successive chemical reaction through a thin catalytic
layer. Whereas the dispersion model accurately describes flow within the
thin catalyst layer, Knudsen diffusion is found to be negligible. A critical
membrane thickness of 2.5µm is determined for maximum ethylene conver-
sion at the given conditions, corresponding to a tailoring of the residence
time.
Porous polymer membranes based on polyacrylic acid networks contain-
ing catalytically active palladium nanoparticles are synthesized by Gröschel
et al. (Gröschel et al., 2005; Schomäcker et al., 2005). The effects of porosity,
catalyst loading and flow rate on the catalytic behavior of the membrane are
examined using the gas-phase partial hydrogenation of propyne to propylene
as a model reaction. The resulting membrane porosity is varied between
34 % and 72 % with a Pd content of 2 mg. The applied flow rates corre-
spond to residence times of 1 to 4 s, assuming steady state conditions after
5 min. Larger pores lead to longer residence times but worse catalyst distri-
bution, resulting in an optimum porosity as a compromise between residence
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time and catalyst distribution. After variation of the catalyst content in the
membrane all measured selectivities fall on the same trajectory when plot-
ted against the conversion, indicating that the kinetics are not limited by
mass-transfer effects. The activity and selectivity obtained in the membrane
reactor is compared with those achieved in a fixed bed reactor filled with
porous or egg-shell catalysts. For equal catalyst load and residence times
the porous catalysts shows low conversion and poor selectivity, whereas both
membrane catalyst and egg-shell catalyst gave equally high conversions and
selectivities around 85 %, corresponding to an optimized utilization of the
Pd. Simulations of the reaction in membranes are performed to distinguish
between kinetic and mass-transfer control. A simplified first-order rate law
is fit to the experimental data. As the same rate law is obtained for different
membranes with varying porosities, conversion and selectivity only depend on
the residence time in the catalytic membrane and not on the pore structure.
Coupling and Oligomerization reactions
Oxidative coupling of methane in different membrane reactor configurations
is investigated by Ma et al. (1998), one of them being a radial flow catalytic
membrane reactor. Using a vacuum solution technique samarium nitrate is
impregnated into the top layer of tubular α-alumina membranes. The pre-
mixed reaction mixture of oxygen, methane and helium diluent is fed to the
tube side of the membrane reactor, forcing it to flow through the pores. This
increases the linear velocity of reactant gases over the catalyst reducing the
external mass transfer limitations. Porous catalytic membranes with differ-
ent pore diameters (5µm to 0.02µm) are applied in the temperature range
of 750 ◦C to 900 ◦C under variation of the flow rates. The performance of all
investigated membrane reactors is superior to that of a packed bed reactor
made from crushed catalytic membranes. The membranes with the smallest
pores show the best results for both conversion and selectivity, confirming the
benefits of the Knudsen regime. The location of catalyst inside the membrane
is regarded as an important parameter for the reactor performance.
A composite zeolite membrane on a porous ceramic tubular support is
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applied to the catalytic oligomerization of isobutene to isooctene by Torres
et al. (2003). The reactants are forced to permeate through the membrane,
which acts as a thin catalytic layer with a zeolite film thickness in the range
of only a few micrometers. In contrast to a fixed-bed reactor no deactiva-
tion due to coking and long-chain species is observed, although the obtained
conversions are comparable. This is explained with the short and controlled
residence time in the membrane pores achieved by the flow-through mode,
which prevents further oligomerization. After obtaining yields of the desired
C8 components close to 60 %, the authors assume that the selectivity to-
wards these intermediate products can be further increased by controlling
the residence time.
The dimerization of isobutene in an FTCMR is studied by Fritsch et al.
(2004) applying polymer based composite catalytic membranes based on
Nafion and other solid acid catalysts. The membranes are generated by de-
position of a porous reactive layer on top of a porous polymeric tubular mem-
brane with a diameter of 20 mm. The reactive layer with a membrane area
of 2.54 cm2 is generated by mixing the catalysts in solution with a polymeric
binder. The resulting catalyst mass is varied between 8.7 and 38.3 mg. The
influence of different catalysts and different binders on conversion and selec-
tivity are investigated concluding that all the parameters structure, porosity,
catalyst partition and catalyst accessibility determine the final reactivity of
the membrane. The experiments are performed in steady state by adjusting
the reactant mass flows and flowing against normal pressure at the outlet,
resulting in an inlet pressure around 4 bar depending on the structure of and
thus the pressure drop across the membrane. The conversion of isobutene
increases with the flow rate and thus with the built-up pressure up to values
of 90 % without a significant change of selectivity to the dimer, which reaches
around 14 %. It is assumed that the liquid products fill the membrane pores
and require a certain flow to purge the pores from products and oligomers.
For all catalysts the conversion improves by increasing the temperature in
a range from 30 to 50 ◦C, whereas in most cases the selectivity decreases.
The most suitable membrane is identified by plotting the conversion against
the selectivity for all catalyst and binder combinations. High selectivities of
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86 % are achieved for feasible conversions of 22 %. The authors discuss the
difficulty of properly comparing the performance of membrane reactors with
that of conventional reactors regarding parameters such as space time yield.
Three phase Fischer-Tropsch synthesis (CO hydrogenation to liquid hy-
drocarbons) in catalytic membrane reactors is investigated by Khassin et al.
(Khassin, 2005; Khassin et al., 2005a,b). The most important requirements
for this synthesis are stated to be an isothermal catalyst bed, high concentra-
tion of catalyst, high gas-liquid interface, small catalyst grains, low pressure
drop and low water backmixing in the reactor. For traditionally used slurry
bed reactors and circulating fluidized bed reactors the catalyst concentra-
tion is too low. In a fixed catalyst bed there is a conflict between hydraulic
resistance and diffusion limitation, whereas for egg-shell catalysts the cat-
alyst concentration in respect to the particle volume is rather low. Thus
the authors suggest heat-conductive "plug-through contactor membranes" as
a solution. The membrane is made up of a Co-Al co-precipitated catalyst.
The pores with effective radius above 2 to 3µm are gas-filled and referred
to as transport pores, while the smaller pores are flooded with liquid prod-
ucts and not permeable. The space-time-yield achieved with the synthesized
membranes (200 kgHC/m3h) is much higher than in traditional reactor de-
signs for Fischer-Tropsch synthesis. To estimate the pore size distribution
of the membranes the bubble-point method is applied, using a simplified
model, which considers the pores as cylindrical holes. As a liquid phase fills
the smaller pores and leaves only the larger pores permeable for gas flow, the
capillary pressure compared to the pressure drop across the membrane is an
important parameter for the membrane performance, which is sensitive for
the gas flow direction. The width of the pore size distribution is responsible
for the extent of gas flow bypass and the selectivity towards higher hydro-
carbons decreases with the average pore distance. The latter observation is
explained with internal diffusion constraints, which appear when the diffu-
sion length between two adjacent transport pores is larger than 30µm. The
observed catalytic activity is up to three times higher than in a compara-
ble slurry reactor. The produced cylindrical membranes with a diameter of
42 mm combine high permeability with high mechanical strength.
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2.3.3 Selective Differential FTCMR
Partial hydrogenations of liquid reactants or in liquid phase are a reaction
class of industrial interest. The reaction rate is often limited by the low solu-
bility of hydrogen in the liquid. Thus low conversions argue against perform-
ing these reactions in a single pass integral reactor. An alternative that takes
advantage of the intensive contact between reactants and catalyst caused by
convective flow through the pores but also allows for higher total conversions
is a discontinuous operation with a recycling and resaturation loop, forming
a differential reactor. The continuously low concentration of hydrogen can
reduce the rate of undesired side reactions, resulting in increased selectivities.
This concept has been applied to the hydrogenation of nitrate in water and
to the partial hydrogenation of several unsaturated liquid hydrocarbons.
Hydrogenation of nitrate in water
Ilinitch et al. (2000) perform the reduction of nitrate ions by hydrogen in
water in three different reactor configurations. In a bed of Al2O3 supported
Pd-Cu catalyst pronounced internal diffusion limitations are observed. Oper-
ating a catalytic membrane in absence of forced flow, the observed catalytic
activity is also low. Forcing the flow of the reaction solution through the cat-
alytic membrane with liquid recycling finally manages to minimize diffusion
limitations and causes a multiple increase in catalytic activity. The mem-
branes made of SiO2/Al2O3-ceramics show a uniform macroporous structure
with a pore diameter around 1µm, a pore volume of 0.2 cm3/g and a thick-
ness of 4.8 mm. The active metals Pd and Cu are introduced by impregnation
with aqueous metal salt solutions, followed by drying, calcination and reduc-
tion, resulting in a palladium content of 1.6 wt% and a copper content of
1.2 wt%. When comparing the specific catalytic activity of the membrane to
the one of the conventional powder catalyst, the latter shows a higher value,
evoking the assumption that the active material inside the membrane in the
above discussed experiment is not fully utilized (Dittmeyer et al., 2004).
Catalytic macroporous polymeric membranes are applied to water deni-
trification in a flow-through operation mode to elucidate the reaction mech-
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anism on bimetallic catalysts (Ilinich et al., 2003). Different catalytic mem-
branes are prepared with either copper or palladium or both catalysts and
their catalytic activity for the nitrate hydrogenation is compared. The re-
action is performed in a batch process in a stirred reactor module with the
catalytic flat sheet membrane and hydrogen feed as well as a buffer vessel
with recirculation of the liquid reactants. The advantage of using a mem-
brane reactor setup in comparison to a slurry reactor is the easy separation
of two different catalytically active components, which is necessary for ana-
lytical purposes. The monometallic membranes show poor activity, whereas
bimetallic membranes and stacks with both types of catalyst show the high-
est catalytic activity, supporting a hypothesis on a decisive role of hydrogen
spillover in the reaction mechanism. The reaction rate is very low as long as
no forced flow through the catalytic membrane takes place.
Reif and Dittmeyer compare the FTCMR concept for aqueous nitrate
and nitrite reduction with the catalytic diffuser concept, in which the reac-
tants are delivered from different sides of the membrane (Reif and Dittmeyer,
2003; Reif, 2004). Both setups induce active contact between the reactants
and the catalysts, while only the FTCMR concept allows for the elimination
of pore diffusion and very short contact times. Due to high pressure drops in
the FTCMR mode conventional ceramic membranes with pore diameters of
100 nm in the active layer are found to be unsuitable. Consequently symmet-
ric supports with pore diameters around 3µm are coated with Pd. Flowing
from the outside to the inside reduces plugging of the membrane. For the
nitrite hydrogenation in FTCMR mode a significantly higher activity and
a lower formation of ammonium is observed, both depending on the trans-
membrane flux (Dittmeyer et al., 2004; Schomäcker et al., 2005).
A similar but inherently different reactor setup is reported by Lüdtke
et al. (1998). Nitrate in water is hydrogenated flowing through a catalytic
membrane, while the water is saturated with hydrogen in a pressurized tank
within a recycling loop. In contrast to the previous concepts, the catalytic
membrane is operated in the cross-flow mode, such that the treated water is
continuously removed after only a single pass through the membrane. Cat-
alytic membranes with catalyst content up to 33 wt% are prepared by incor-
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porating a powder-type Pd-Cu/γ-Al2O3 catalyst into polymeric ultrafiltra-
tion membranes. For relatively low transmembrane fluxes of 5 to 25 L/m2h
a more or less constant selectivity towards nitrogen of 80 % is observed
during all experiments. The activities per unit area of the membrane up
to 0.012 mol/m2h are rather low. The moderate performance might be ex-
plained by assuming that a certain fraction of the catalyst particles is not
accessible for the liquid travelling through the pores, being completely sur-
rounded by the polymer matrix. Moreover the fluxes might still be too low
to exploit the full kinetic potential of the catalyst.
Partial hydrogenation of hydrocarbons
For the partial hydrogenation of several unsaturated hydrocarbons Schmidt
et al. (2005) use the differential FTCMR concept, naming it "pore-through-
flow catalytic membrane reactor" and compare it to a slurry reactor and a
fixed bed reactor. The FTCMR is constructed as a loop of a saturation
vessel and a porous membrane made from cross-linked polyacrylic acid with
palladium nanoparticles integrated as catalyst. Four different unsaturated
reactants are investigated: Cyclooctadiene, 1-octyne, phenyl acetylene and
geraniol. The liquid reaction mixture is resaturated with hydrogen up to
100 times. With the applied flow velocity of 2 · 10−4 m/s the convection of
the reactant stream is at least one order of magnitude faster than diffusion
displacement, which is reported to be in the order of 10−5 m within 1 s. The
prepared membranes with a thickness of 1 mm show pore sizes between 130
and 380 nm, porosities between 35 and 70 % and a Pd content of 15 mg which
equals 1 wt%. The membranes are placed on a porous support plate in the
reactor module. For the hydrogenation of octyne the desired reaction is much
faster than the undesired reaction, such that little influence of mass transfer
is observed. For phenyl acetylene and cyclooctadiene the desired reaction is
still faster than the undesired one, but mass transfer is more significant, which
can be seen in the increased selectivity obtained in membrane reactor and
slurry reactor compared to the fixed bed reactor. For geraniol the reaction
rates are nearly equal. For this reaction the membrane reactor reaches even
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higher selectivities than the slurry reactor, whereas the activity is lower due
to the strong decrease of hydrogen concentration during each pass through
the membrane, such that the average hydrogen concentration is substantially
lower than the saturation concentration.
Purnama et al. (2006) perform the partial hydrogenation of α-methyl–
styrene to cumene in a catalytic membrane reactor impregnated with Pd.
The measured productivity, defined as conversion per time and catalyst mass,
in the flow-through reactor exceeds that of other types of membrane reactors
as well as other conventional reactors, such as slurry, trickle-bed and bubble-
column reactor. The tubular microporous α-Al2O3 membrane has a thickness
of 1 mm and a pore size of 1.9µm and is soaked in a solution of palladium
acetate in toluene, reaching catalyst concentrations of 0.03 to 0.08 wt%.
The optimum flow rate must be adjusted to the catalyst mass, such that
the hydrogen conversion reaches 100 % exactly when the reactants leave the
membrane.
The same reactor approach is applied to the hydrogenation of cycloocta-
diene, reaching the same selectivities as in slurry experiments and outper-
forming the comparable fixed bed reactor (Schmidt, 2007). With the same
Pd amount the membranes with smaller pores (0.6µm) are more active than
the membranes with bigger pores (1.9 or 3.0µm). In an industrial coopera-
tion the reactor is transferred from laboratory scale to pilot scale applying
a 27-capillary catalytic membrane module. The obtained space time yields
are much higher than those reported for conventional fixed-bed or trickle-
bed pellet catalysts or slurry catalysts in bubble columns (Schmidt et al.,
2008). Due to encouraging scale-up results this flow-through reactor setup
is referred to as one of the most promising candidates for the first industrial
application of catalytic membrane reactors (Caro et al., 2007).
Fritsch and Bengtson (2006a,b) develop catalytically active porous mem-
branes for the selective hydrogenation of viscous liquids such as sunflower oil
in a membrane reactor. The high viscosity and the low hydrogen solubility
induce severe mass transfer limitations. Industrially vegetable oil hydro-
genation takes place in stirred tank reactors with finely dispersed catalyst
at temperatures between 170 and 200 ◦C at 2 to 5 bar of H2 pressure. In
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this process up to 50 % of the undesired trans-isomerized fatty acids are
generated. By applying the FTCMR concept, the content of trans-isomers
can be reduced while at the same time the immobilization of the catalyst
inside the membrane pores avoids expensive filtration steps. Porous polymer
membranes are prepared from polyethersulfone and polyamideimide with and
without inorganic alumina filler. These membranes show high water fluxes of
about 30 000 L/(m2 h bar) and oil fluxes of 900 to 2 000 L/(m2 h bar) at 60 ◦C.
Catalyst is introduced by two different methods, either by wet impregnation
of the membrane in a catalyst precursor solution followed by calcination and
chemical reduction or by addition of ready-made supported catalysts to the
membrane casting solutions. The catalytically activated membranes with Pt-
contents between 0.1 and 1 g/m2 are applied to hydrogenate refined sunflower
oil. Within 6 hours about a half of the linoleic acid is hydrogenated, which is
the major compound in sunflower oil triglycerides. Pt shows a similar activ-
ity to Pd catalysts and generates less trans-isomers. The membrane activity
is stated to be sufficiently high to suggest the industrial use of FTCMR for
the hydrogenation of viscous liquids.
Schmidt and Schomäcker (2007) also use a differential FTCMR for par-
tial hydrogenation of sunflower oil in n-heptane as solvent and compare the
reactor performance with that of a slurry reactor with powder catalyst. A
porous α-Al2O3 membrane is impregnated with Pd or Pt as active catalyst.
The membrane reactor reaches significantly lower contents of the fully hy-
drogenated stearic acid and higher contents of undesired trans-isomers.
2.4 Conclusions
The increasing number of publications dealing with catalytic membrane re-
actors in flow-through mode underlines the potential of this relatively new
concept for performing heterogeneous reactions in both gas and liquid phase.
The parallels to microreactors are obvious: Small characteristic dimen-
sions lead to improved heat and mass transfer. In catalytic membrane re-
actors the characteristic dimensions are even smaller than in microreactors,
resulting in excellent heat transfer between fluid and membrane. However, in
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contrast to microreactors, heat removal from the membrane is limited, such
that isothermal operation in terms of equal feed and permeate temperature
can hardly be realized for strongly exothermic reactions.
The mean pore size of the applied membranes varies by several orders
of magnitude. The choice of the appropriate pore size always represents a
trade-off between intensive contact and low pressure drop. Especially for gas
phase reactions in pore structures below the micrometer scale improved un-
derstanding of the flow processes and microeffects in Knudsen and transition
regime is required.
Integral reactors are almost exclusively applied for gas phase reactions.
For the decomposition of volatile organic compounds the intensive contact
accounts for complete conversion. Partial hydrogenation or partial oxidation
reactions are performed in flow-through mode in order to benefit from the
narrow residence time distribution in combination with the short contact
time, allowing for high selectivities. It should be emphasized that in contrast
to other membrane reactor concepts, using permselective membranes, the
selectivities in FTCMR cannot exceed those of an ideal plug flow reactor.
Applications in liquid phase are still limited to hydrogenation reactions
in differential reactor mode. Nevertheless in this field they have proven to
be valuable and might be closer to industrial operation than their integral
counterparts for gas phase reactions.
A comparison between the different investigated catalytic membrane re-
actors lacks sufficient data, as the operation parameters of the performed
model reactions are tailored to the applied membranes and catalyst prepara-
tion methods. Several authors observe improved performance regarding cat-
alytic activity and/or selectivity compared to conventional fixed bed reactors.
Nevertheless the reactor concept requires more or less sophisticated catalytic
preparation methods, frequently suffers from limited membrane stability and
competes with other novel concepts such as microreactors or monolithic re-
actors. Furthermore the choice of the appropriate pore dimensions strongly
depends on the intended application and the allowable pressure drop, pre-
venting the establishment of general guidelines.
The investigations presented in the work at hand aim at the modelling and
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application of anodized alumina membranes with very uniform pore channels
for selective gas phase hydrogenations. These unique microstructures promise
a very narrow pore size distribution and are also applied by Yamada et al.
(1988), Pellin et al. (2005) and Mucherie et al. (2007). The pore structure
made up of separate cylindrical channels calls for a more detailed investiga-
tion of flow regimes and temperature distribution inside the membrane and
allows for comparing experimental results with reactor simulations.
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Chapter 3
Experiments and Methods
This chapter discusses the three main factors determining the performance
of a catalytic membrane reactor, namely membrane structure, catalyst and
reactor setup. Section 3.1 describes the particular microstructures of the
investigated ceramic membranes and quantifies the relevant geometric pa-
rameters. The subsequent Section 3.2 treats the deposition of catalytically
active components in the pores of the ceramic membranes and correlates the
amount and dispersion of catalyst to the deposition procedure. Finally Sec-
tion 3.3 deals with the reaction experiments, explaining the applied model
reactions as well as the experimental setup and analytics.
3.1 Ceramic Membrane Microstructures
Recently, inorganic materials gain importance for membrane production due
to improved temperature and chemical resistance, as well as theoretically
precise control of pore size and selectivity, compared to organic membranes
(Melin and Rautenbach, 2007). Ceramics, mostly aluminium oxide, are the
dominating material for inorganic membranes, other materials used are pre-
cious metals and alloys, various glasses and carbon. Limitations are mainly
given by the brittle nature of the material, which calls for special module
constructions. If operated at high temperatures, sealing between membrane
and module is especially difficult due to different thermal expansion coeffi-
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cients. Elaborate preparation methods of the membranes themselves, which
are often produced in several steps, result in higher membrane costs.
3.1.1 Microstructure Generation
Preparation of ceramic membranes is possible by several methods. The most
common methods are based on sintering small ceramic particles at high pres-
sures and temperatures. A different microstructure can be achieved by con-
trolled anodization of thin aluminium sheets. The characteristics of the re-
sulting microstructures are shortly presented in the following, with a focus
on the anodization procedure.
Sintered Ceramic Membranes
Sintering of fine metal or ceramic powders results in a solid porous symmetric
structure, resembling a packed bed of microparticles. The main geometric
characteristics pore size distribution, porosity and tortuosity strongly depend
on the properties of the powder used. Pore size distributions are often rather
wide and tortuosities in the range of 2 to 2.5 are reported (Melin and Rauten-
bach, 2007). Symmetric porous membranes are either used for microfiltration
applications or as support for microporous layers. The resulting asymmetric
porous membranes are designed to allow for a pin-hole free separation layer
combined with low hydraulic resistance and mechanical stability.
For the experiments performed with sintered ceramic membranes, two
different types of alumina membranes supplied by Kerafol are employed. One
of them is symmetric, consisting only of a support layer, whereas the other
type is asymmetric, featuring an additional layer on top of the support. The
main characteristics of the two membranes and the identifiers applied in the
work at hand are summarized in Table 3.1.
Anodized Alumina Membranes
In the 1920s Bengough and Sutton (1926) discover that aluminium and its
alloys can be protected from corrosion by means of anodic oxidation. In this
electrochemical process, aluminium is turned into an anode by immersing it
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Table 3.1: Membrane specifications according to supplier
Identifier W01 W02 K02 K20
Supplier Whatman Whatman Kerafol Kerafol
Pore size active layer / µm 0.1 0.2 0.2 2.0
Pore size support / µm 0.2 0.2 2.0 2.0
Membrane thickness / µm 60 60 2 000 2 000
Membrane diameter / mma 43 43 47 47
Approx. membrane mass / g 0.1 0.1 7.6 7.6
aDiameter of Whatman membranes incl. supporting PP-ring 47mm
in a chromic acid bath and applying electric current between the aluminium
and a carbon cathode. After a while, the aluminium becomes coated with
a semi-opaque gray film. Keller et al. (1953) investigate aluminium oxide
layers generated by anodic oxidation and find close-packed hexagonal cells
of oxide, containing a single pore each. The pore size can be manipulated
by the choice of electrolyte, whereas wall thickness and barrier thickness
are primarily a function of the forming voltage. A model for describing the
self-regulating pore growth, based on the distribution of the electric field in
the pore tips, is given in the 1970s, explaining why the pores grow and why
their size distribution is so narrow (Jessensky et al., 1998). Smith (1973)
develops a process for removing the thin barrier layer, generating uniform
porous membranes from aluminium foils. The best results for removing the
unanodized aluminium are achieved by etching from the opposite side. These
membranes are commercially produced for laboratory filtration since 1986 by
Anotec Separations (Bhave, 1991), currently available as Whatman Anodisc.
Rigby et al. (1990) compare the preparation by sulfuric, oxalic, phospho-
ric and chromic acid and predict a significant growth of applications of the
produced membranes.
The process of anodic oxidation allows for precisely controlled narrow
pore size distributions. The resulting structure is formed by cylindrical
slightly conical pores perpendicular to the macroscopic membrane surface.
The method only produces unsupported membrane foils with low mechanic
stability. For most applications a support is required (Bhave, 1991). The
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preparation procedures are further improved by adding a pretexturing treat-
ment, allowing for generation of completely isoporous membranes for sophis-
ticated applications (Masuda et al., 1997; Li et al., 1998).
Wießmeier and Hönicke (1996) apply the process of anodic oxidation to
increase the specific surface of microstructured devices for catalytic appli-
cations, creating a flow-through microreactor with dead-end pores on the
channel walls.
The experiments performed in the work at hand employ two types of
the commercially available membranes Whatman Anodisc 47. Their main
characteristics and the applied identifiers are summarized in Table 3.1.
3.1.2 Microstructure Characterization Methods
Several analytic methods are applied to gather information about the mem-
brane microstructure, such as pore sizes distributions, porosities and specific
surface. The methods are described in the following.
Scanning Electron Microscopy
Scanning electron microscopy (SEM) produces images with high magnifica-
tion and can resolve details down to the scale of the wavelength of visible
light. Analyses are performed at the Central Facility for Electron Microscopy,
RWTH Aachen University (GFE) by means of a ZEISS DSM 982 Gemini
with field emission gun. The method is suitable for measuring the membrane
layer thickness as well as the shape and size of the straight single macropores
(dp > 0.05µm). Due to the regular pore structure, image processing can be
used to calculate a pore size distribution from a top view of the membrane.
The pore size distribution is determined by applying the image processing
tool OZELLA, developed at the Institut für Kunststoffverarbeitung an der
RWTH Aachen (IKV) (Peters, 2004), to the top view SEM image of the
membrane. OZELLA identifies connected dark pixels and interprets them
as cells. The respective cell size is calculated from the number of connected
pixels. Figure 3.1 shows a detail of the upper-left corner of an SEM image
processed with OZELLA, highlighting the determined cell sizes in shape of
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Figure 3.1: Detail of pore size characterization performed with image processing
tool OZELLA
ellipses. As can be seen, errors occur at the image edges and in regions of
low contrast. These are corrected manually by duplicating the sizes of the
edge cells and partitioning misinterpreted large cells into two half-sized single
cells. The membrane porosity is calculated simply by dividing the number
of cell pixels by the total number of pixels.
Mercury Porosimetry
Mercury porosimetry is the most frequently applied method for determining
the open pore volume of porous materials. Due to its high surface tension,
mercury does not intrude into the pores if no pressure is applied and does not
interact with the pore surface. For cylindrical pores, the size of the intruded
pores is correlated to the applied pressure according to the Young-Laplace
equation:
d = −4σ cos(α)
p
, (3.1)
with a surface tension of 0.485 N/m and a contact angle of α = 130◦. The
analysis is performed at the Institut für Bauforschung der RWTH Aachen
(ibac) with the mercury porosimeter AutoPore IV 9220, using a maximum
pressure of 413 MPa, corresponding to a minimum pore diameter of 3 nm.
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BET Surface Measurement
The specific surface of the Whatman Anodisc membranes is calculated ap-
plying the method of Brunauer et al. (1938), based on a measurement of the
adsorption isotherm, commonly known as BET method. The analysis is per-
formed at the Lehrstuhl für Technische Chemie und heterogene Katalyse der
RWTH Aachen (TCHK), applying a Micromeritics ASAP 2000 (Accelerated
Surface Area and Porosimetry analyzer) to five differently prepared samples
of W02 membranes, both coated with catalyst and uncoated.
Permeance Measurements
Correlating the pressure drop across the membrane with the corresponding
flux or flow rate allows for determination of geometric parameters. The per-
meance method applied in the work at hand is based on the pressure drop
across the membrane caused by convective flow through the pores and pro-
duces mean pore size and porosity rather than a pore size distribution. It
is nondestructive and can be performed immediately before reaction exper-
iments with the same setup. Plotting the measured membrane permeance
Ptot under variation of the average absolute pressure in the pore pav yields a
straight line (Figure 3.2), which can be characterized by the following equa-
tion:
Ptot = α + β · pav (3.2)
α = 1.06  · r
τL
√
MRT
(3.3)
β = 0.125  · r
2
τLηRT
(3.4)
The axis intercept α at p = 0 represents the pressure independent contribu-
tion of Knudsen diffusion to the total permeance, whereas the region above
this value represents the convective contribution, which is proportional to
pressure pav and slope β (Lin and Burggraaf, 1991; Pina et al., 1996; Za-
lamea et al., 1999). The geometric parameters mean pore size and porosity
can be calculated by means of a flow model according to Equations 3.3 and
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Figure 3.2: Membrane permeance as function of mean pressure for W02 mem-
brane and K20 membrane: Pressure independent Knudsen contribu-
tion and pressure dependent laminar contribution
3.4. For details on the theory of gas microflows and the derivation of these
equations, please refer to Subsection 4.2.1.
3.1.3 Results
The microstructure of the investigated membranes is characterized by means
of SEM imaging, pore size distribution and the overall parameters mean pore
size, specific surface and porosity.
SEM images of Whatman Anodisc membranes are given in Figure 3.3.
The top view image of a W02 membrane with a nominal pore diameter of
0.2µm at a magnification of 10 000 (Fig. 3.3(a)) illustrates the regular ar-
rangement of open pore channels and the rather narrow size distribution. The
cross section of a W01 membrane with a nominal pore diameter of 0.1µm
at a magnification of 1 000 (Fig. 3.3(b)) demonstrates different structural as-
pects: The nominal diameter can only be found in the thin active layer at
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(a) Top view of W02 membrane, 10 000x
magnification
(b) Cross section of W01 membrane with ac-
tive layer at the bottom, 1 000x magnifica-
tion
Figure 3.3: SEM images of Whatman Anodisc membranes
the bottom, whereas the main part is made up of channels with diameters
around 0.2µm. The pores are straight and arranged perpendicular to the
surface without bifurcations. Moreover, they are slightly cone-shaped rather
than exactly cylindrical. The thickness of the commercially available mem-
branes varies. The illustrated sample shows a thickness of 80µm rather than
60µm as given in the specifications by the supplier.
Mercury porosimetry is performed with a sample of 16 finely ground W01
membranes (Figure 3.4). As more than 90 % of the total mercury volume
intrudes into the sample, the measurement does not allow for determination
of a valid pore size distribution. 60 % of the mercury volume is needed
to fill the gaps between the ground membrane particles with corresponding
diameters larger than 90µm. A plateau is reached in the pressure range
between 0.7 and 3.5 MPa with an intrusion volume around 75 %, signifying
that no pores with diameters between 3.15 and 0.35µm are present in the
sample. The full volume of mercury is depleted at a pressure of 5.5 MPa,
corresponding to a pore diameter of 0.23µm. Smaller pores are not detected
due to lack of mercury. Thus the only valid result is the maximum pore size
of about 0.35µm.
The pore size distribution obtained by the image processing tool OZELLA
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Figure 3.4: Measured mercury porosimetry intrusion curve for W01 membranes
is illustrated in Figure 3.5. The resolution of the density function is arbitrar-
ily chosen to steps of 10µm resulting in 17 pore size classes. The pore sizes
range from 0.15 to 0.32µm with a mean pore size of 0.235µm and a porosity
of  = 0.53. Regarding the maximum detected pore size, the agreement with
the mercury porosimetry measurement is good.
The volume-specific surface SV of a membrane consisting of N cylindrical
channels with a surface of pidL each, can be calculated from mean pore size
d and porosity  according to
SV =
N · pidL
Vmem
= 4 
d
. (3.5)
Division by the bulk density yields the mass-specific surface. The resulting
characteristic parameters of a W02 membrane, calculated from mean pore
size and porosity as determined by OZELLA assuming isoporous cylindrical
geometry, are summarized in Table 3.2.
The BET measurements of different anodized membranes are given in
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Figure 3.5: Pore size distribution of W02 membrane as determined by the image
processing tool OZELLA from SEM top view image
Table 3.2: Summary of geometric parameters of a W02 membrane determined
from SEM image processing data
Parameter Value Unit
Mean pore size 0.235 µm
Minimum pore size 0.15 µm
Maximum pore size 0.32 µm
Porosity 0.53 -
Membrane mass 0.108 g
Membrane bulk volume 8.71 · 10−8 m3
Bulk density 1 239 kg/m3
Volume-specific surface 9.13 · 106 m2/m3
Mass-specific surface 7 368 m2/kg
Pores per membrane 1.79 · 1010 -
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Table 3.3: BET surfaces of Whatman Anodisc membranes with and without de-
posited catalyst
Sample BET-surface
m2/kg
W01-6a-1b 7 450
W01-6-10 7 410
W02 7 630
W02-6-10 7 510
aconcentration of precursor solution 6 gPd(acac)2/l
bimpregnation time 1min
Table 3.3. The four measurements all show BET surfaces around 7 500 m2/kg
which is in excellent agreement with the mass-specific surface of 7 368 m2/kg
calculated by means of Equation 3.5. Neither an influence of the nominal
pore size can be detected, nor of the amount of catalyst in the pores. The
first observation can be explained by the geometric structure of the different
membrane types. Both W01 andW02 membranes consist of straight channels
with pore sizes around 0.2µm. The nominal pore size of 0.1µm for the W01
membranes only describes a very thin separation layer on top of the straight
channels with negligible influence on the specific surface. Catalyst deposition
does not significantly increase the specific surface of the membranes. The
adsorption isotherms prove the absence of micropores below 10 nm.
The employed ceramic Kerafol membranes are illustrated in Figure 3.6.
At a magnification of 40 (Fig. 3.6(a)), the orderless homogeneous structure of
the support material is visible. At higher magnifications of 3 000 (Fig. 3.6(b)),
the active layer with a continuous thickness of about 20µm already illustrates
that the particle size distribution of the precursor material results in an
inordinate structure with remarkable tortuosity compared to the straight
channels of the anodized membrane. In the support layer the same effect is
even more pronounced.
Permeance measurements are performed for the three different membrane
types W02, K20 and K02 before catalyst deposition. The parameters d
(mean pore size) and /τ (porosity/tortuosity) calculated from the perme-
ance experiments according to Equation 3.2 are summarized in Table 3.4.
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(a) Cross section with active layer at the
top, 40x magnification
(b) Close-up of active layer, 3 000x magnifi-
cation
Figure 3.6: SEM images of a K02 membrane
The permeance method produces consistent membrane parameters with low
variation between different samples of the same membrane type. For the
W02 membrane, the tortuosity τ should be equal to 1 due to the straight
channel geometry. The resulting porosities around  = 0.4 are somewhat
smaller than the one calculated from the SEM image  = 0.53. The mean
pore size of around d = 0.27µm on the other hand slightly exceeds the SEM
value of d = 0.235µm. The sintered K20 membranes show lower values of
/τ . The porosity calculated from a measured bulk density of 2 200 kg/m3
amounts to  = 0.44. In combination with the calculated values of /τ the
resulting tortuosity is in the range between 1.8 and 2. The K02 membranes
show apparently higher porosities and lower mean pore sizes than the K20
membranes. This can be explained by the fact that the calculation is based
on a symmetric membrane. The thin active layer is not accounted for in
the membrane thickness, resulting in a mean pore size and porosity for an
equivalent symmetric membrane.
3.2 Catalytic Activation
Before the ceramic membranes can be employed for hydrogenation reactions,
catalytically active material needs to be deposited in the membrane pores.
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Table 3.4: Permeance parameters α and β and resulting membrane parameters
/τ and d for non-catalytic membranes
Membrane αa β /τ d/µm
K20 0.99 1.38 0.24 1.261
0.95 1.38 0.23 1.308
0.97 1.37 0.24 1.273
K02 1.03 1.30 0.28 1.139
1.06 1.30 0.30 1.109
1.00 1.30 0.27 1.165
0.91 1.13 0.25 1.123
0.93 1.14 0.26 1.102
W02 11.99 3.69 0.40 0.277
10.94 3.17 0.39 0.261
12.05 3.73 0.40 0.279
aCompare Equation 3.2 and Figure 3.2
In this section the applied deposition procedure is described, the amount of
catalyst deposited in the membrane is quantified and the catalytic activity
is correlated to the deposition procedure.
3.2.1 Catalyst Deposition on Ceramic Supports
The preparation of supported catalysts usually involves three steps (Lee and
Aris, 1985):
• Deposition of active components on the support (wet or dry impregna-
tion),
• Evaporation of the liquid solvent (drying),
• Calcination and reduction of the catalyst (thermotreatment).
Catalyst precursors are compounds, such as organic salts, which contain
noble metals. The support is submerged into a solution of precursor in water
or organic solvents. In the case of wet impregnation, the support is pre-
wetted by the liquid solvent before addition of the catalyst precursor. Thus,
the catalyst distribution in the support is controlled by diffusion and adsorp-
tion. During dry impregnation, the dry support is directly immersed in the
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precursor solution with the result that solvent and metal penetrate into the
pores mainly due to capillary forces. (Neimark et al., 1981)
The resulting catalyst profile in the support is influenced by a combination
of both impregnation and drying step . For weak and moderate adsorption,
the impregnation time required for dry impregnation is much shorter than for
wet impregnation and the final metal profiles are mainly determined by the
drying step (Liu et al., 2008). For strong adsorption on the other hand, dry
and wet impregnation are both determined by diffusion, resulting in similar
behavior, and the effect of impregnation on the final metal distribution is
pronounced.
After impregnation, the support is removed from the solution and solvent
remaining in the pores is evaporated. In this drying step, the solvent is
transported towards the external surface of the support due to capillary
flow, while the dissolved catalyst precursor is transported by diffusion and
liquid convection (Lekhal et al., 2001). Uniform profiles can be obtained by
increasing metal diffusion.
In the final step the catalyst is calcined and activated, usually by re-
ducing the metal oxide in hydrogen atmosphere, to obtain the noble metal
in elemental state. This process does not affect the metal distribution, un-
less excessive heating causes agglomeration and sintering of the fine metal
particles.
Boitiaux et al. (1983) describe the preparation of highly dispersed Pd cat-
alysts on low surface area α-alumina as well as high surface γ-alumina by wet
impregnation, using palladium acetylacetonate Pd(acac)2 as precursor. The
size of the metal particles is determined to be smaller than 1 nm. Variable pa-
rameters for preparation are precursor concentration and impregnation time.
The precursor concentration is limited by the solubility of the precursor in
the solvent. Boitiaux et al. (1983) apply benzene as solvent but report iden-
tical results for methylene chloride and carbon tetrachloride. Goetz et al.
(1995) use the same solution but different ceramic supports and increase the
impregnation time from 48 to 72 hours. Maximum dispersion of catalyst par-
ticles is achieved by calcination in air at 300 ◦C, at higher temperatures the
particle size increases due to sintering (Boitiaux et al., 1983). Both authors
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Table 3.5: Catalyst loading achieved by wet impregnation of aluminium oxides
using Pd(acac)2 as precursor as function of specific surface of support
and concentration of precursor solution
Solution
gPd/l
0.70 1.45 3.33
Author Support Loading
m2/g gPd/gmem
Boitiaux et al. (1983)a 9 0.12 0.15 0.23
Goetz et al. (1995)b 10 0.09 0.20 0.30
Boitiaux et al. (1983) 69 0.39 0.43 0.50
aimpregnation time 48 h, catalyst loading interpolated
bimpregnation time 72 h
agree that increasing the precursor concentration in the catalyst solution in-
creases the catalyst load in the support. Analogously the catalyst load is a
strong function of the specific surface of the ceramic support (Table 3.5).
Reif (2004) observes problems during the wet impregnation of chemically
inert ceramic membranes. During the drying process agglomeration can lead
to formation of larger crystals. In experiments with palladium-salt-solutions
(Pd(NO3)2, PdCl2) precipitation of the catalyst is non-uniform and insuf-
ficient fixation results in low catalytic activity. Control of the deposition
position in an asymmetric membrane is not possible with the impregnation
method, leading to a waste of catalyst in the macroporous support layer.
Alternative preparation methods are generally more sophisticated. Coat-
ing with metal nanoparticles is not suitable as the available particles are
already larger than 0.1µm, leading to large metal clusters with inappropri-
ately small specific surfaces (Reif, 2004). Chemical vapor deposition of metals
represents an established method for depositing thin films. Reif (2004) devel-
ops a procedure for catalytic preparation of ceramic supports starting with
a pretreatment of the support using white vaseline as organic solubilizer.
The metal-organic precursor palladium(II)-hexafluoracetylacetonate and the
pretreated support are introduced in a glass pipe which is subsequently evacu-
ated to 500 mbar and heated to 80 ◦C, sublimating on the pretreated support
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surface. This method allows for deposition efficiencies of 60 to 90 % and
directed deposition limited to the pretreated surfaces.
Applied Catalyst Deposition Procedure
In the work at hand, satisfying results are achieved with the dry impreg-
nation method. Thus, no investigation of further preparation methods is
required. The following procedure is applied in for the catalytic activation
of the ceramic membranes.
Palladium acetylacetonate Pd(acac)2 (Merck-Schuchardt) solved in tolu-
ene is used as precursor solution. Pd(acac)2 is a fine crystalline yellow powder
which thermally degrades at a temperature of 190 ◦C (Merck-Schuchardt,
2006). At room temperature it is insoluble in water, but soluble in chloroform
or toluene. Toluene evaporates at a temperature of 111 ◦C. The solubility of
Pd(acac)2 in toluene is determined to 6 g/l which corresponds to 2.1 gPd/l.
The catalyst is deposited in the ceramic membranes according to the
following procedure:
1. Removal of supporting polypropylene ring by complete oxidation in air
at 450 ◦C for 2 h (only applicable for Whatman membranes).
2. Preparation of a solution with desired concentration of Pd(acac)2 in
toluene.
3. Filtration of catalyst solution with a syringe filter to remove unsolved
catalyst precursor.
4. Measurement of catalyst concentration in the solution by UV-vis.
5. Measurement of the mass of catalyst solution applying an analytical
balance (accuracy 0.1 mg).
6. Impregnation of ceramic membrane in catalyst solution for desired im-
pregnation time, using a closed recipient to reduce solvent evaporation.
7. Repeated measurement of the mass of catalyst solution to account for
evaporation loss.
8. Repeated measurement of catalyst concentration in the solution to cal-
culate amount of deposited catalyst.
9. Evaporation of solvent from prepared membrane at 120 ◦C for 30 min.
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10. Calcination of prepared membrane in air at 300 ◦C for 2 h.
11. Installation of calcined membrane in reactor module.
12. Catalyst activation by reduction in hydrogen flow at 100 ◦C for 20 min.
The sample names are constituted of the membrane identifier K20, K02
or W20, followed by a hyphen and the concentration of the precursor solution
in gPd(acac)2/l with applied values of 2, 4 or 6. After the second hyphen a
numerical value specifies which of three tested impregnation times is applied
with values of 1 corresponding to 1 min, 10 corresponding to 10 min and 24
corresponding to 24 h.
3.2.2 Characterization of Catalyst Loading
Several analytic methods are applied to determine the amount of catalyst
deposited in the membrane pores directly or indirectly. The change of the
catalyst concentration in the precursor solution during wet impregnation is
monitored by means of UV-vis spectrometry and an analytical balance, al-
lowing for indirect determination of the catalyst loading. X-ray diffractom-
etry (XRD) and inductively coupled plasma optical emission spectrometry
(ICP-OES) of catalytic membrane samples are performed to directly quantify
the amount of catalyst in the membrane. Energy dispersive X-ray analysis
(EDX) allows for the spatially resolved detection of elements in different re-
gions of the membrane. Flow-through reaction experiments are performed to
characterize the catalyst loading by correlating it with achieved conversions.
UV-vis Spectrometry of Precursor Solution
The precursor solution of Pd(acac)2 in toluene shows an intensive yellow
color. This allows for concentration measurement by means of UV-vis spec-
trometry. Light absorption at a wavelength of 420 nm is measured by means
of a Cary 50 Bio UV-Visible spectrophotometer. Calibration with four solu-
tions of different concentrations yields a linear correlation between concentra-
tion and absorption signal. Samples of the precursor solution are analyzed
before and after each impregnation step, measuring also the mass of the
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residual solution. The total mass of catalyst deposited on the membrane is
calculated by balancing mass and concentration of the precursor solution,
accounting for loss of solvent by impregnation and evaporation.
X-ray Diffractometry
X-ray diffractometry (XRD) allows for the identification of elements in crys-
talline state and determination of the crystallite sizes, provided that the
quantity fraction in the sample is sufficient. Five samples with different
amounts of catalyst are investigated at the Department of Chemical Technol-
ogy and Heterogeneous Catalysis at the RWTH Aachen University (TCHK)
with a Siemens D5000 diffractometer. The obtained diffractograms show
no distinguishable maxima, not allowing for any characterization. Neither
aluminium nor oxygen or even palladium reflexes can be determined. A
detection limit of 2 wt−% prevents the application of this method for char-
acterizing the catalyst content of ceramic membranes.
Energy Dispersive X-ray Analysis
Energy dispersive X-ray analysis (EDX) detects local concentrations of single
elements on or in a sample, allowing for determination of a spatial catalyst
distribution. The EDX analyses are performed at the Central Facility for
Electron Microscopy of the RWTH Aachen University (GFE) using an Ox-
ford Link ISIS system with High Purity Germanium-Detector integrated in
the SEM setup described earlier. Samples for SEM analyses are commonly
prepared by sputtering the surface with palladium. If the amount of the pal-
ladium in the catalytic membrane is to be quantified, the sample needs to be
prepared with carbon instead of palladium, reducing the depth of sharpness
of the resulting SEM image.
In initial analyses, at the top and bottom of a catalytic membrane higher
signals than in the center were obtained, concluding non-uniform catalyst
distribution along the pores. Further measurements prove that these signals
were caused by clearly visible larger catalyst particles that settle on top of
the membrane during a temporarily applied impregnation procedure, which
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uses a saturated catalyst solution with dispersed particles. EDX signals close
to the edges always include signals from the top or bottom of the membrane.
In repeated experiments with the improved catalyst deposition procedure
with both Anodisc and Kerafol membranes, the palladium concentration is
below the detection limit in all locations. Lacking contrary proofs, a uniform
catalyst distribution is assumed for the symmetric membranes.
Inductively Coupled Plasma
The elemental analysis of catalytic membrane samples performed by in-
ductively coupled plasma optical emission spectrometry (ICP-OES) deter-
mines the catalyst loading of the membranes. ICP-OES measurements are
performed at the Department of Chemical Technology and Heterogeneous
Catalysis at the RWTH Aachen University (TCHK) and at the Institute for
Process Metallurgy and Metal Recycling at the RWTH Aachen University
(IME).
As the elemental analysis is performed in liquid phase, a complete dis-
solution of the sample is crucial. Two different digestion procedures are
performed, followed by a repeated determination of the palladium concen-
tration. In the digestion procedure performed at the TCHK, 30 mg of sample
are solved in 8 ml water, 2 ml concentrated sulfuric acid and 40 ml of hydroflu-
oric acid. At the IME a high pressure microwave digestion is performed us-
ing 2 ml water, 4 ml concentrated sulfuric acid and 4 ml hydrofluoric acid for
50 mg samples of the Anodisc membranes. For the Kerafol membranes 1 g
of sample is dissolved in 5 ml sulfuric acid and 5 ml hydrofluoric acid, as low
catalyst concentrations are anticipated. The dissolved samples are topped
up to 50 ml using deionized water.
Both procedures are compared for two samples of the same catalytic An-
odisc membrane, yielding 0.093 % Pd with the IME method compared to
0.048 % with the TCHK method. It can be concluded that complete disso-
lution is not achieved without high pressure microwave digestion.
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Table 3.6: Permeance parameters α and β and resulting membrane parameters
/τ and d for catalytic membranes.
Membrane αa β /τ d/µm
K20b 0.97 1.38 0.24 1.281
K20-2c-10d 0.81 1.24 0.18 1.385
K20-6-10 0.80 1.25 0.18 1.402
K20-6-10 0.78 1.24 0.17 1.428
K02 0.98 1.23 0.27 1.128
K02-2-10 0.85 1.24 0.20 1.314
K02-6-10 0.78 1.12 0.19 1.287
W02 11.66 3.53 0.40 0.272
W02-2-10 10.76 3.66 0.33 0.306
W02-2-24 8.17 2.68 0.26 0.296
W02-4-10 8.91 3.19 0.26 0.322
W02-4-24 8.41 2.89 0.25 0.310
W02-6-10 8.12 2.96 0.23 0.328
W02-6-24 7.57 2.91 0.20 0.346
aCompare Equation 3.2 and Figure 3.2
bMean values from Table 3.4 for non-catalytic membranes
cconcentration of precursor solution 2, 4 or 6 gPd(acac)2/l
dimpregnation time: 10min or 24 h respectively
3.2.3 Results
Catalyst is deposited in several membranes of the types W02, K02 and K20
according to the procedure described above.
Indirect proof of catalyst concentration is given by comparing the per-
meance measurements before and after catalyst deposition (Table 3.6). As
explained in Subsection 3.1.2, the parameters apparent pore size d and ap-
parent porosity /τ are determined from the experimental data by means
of the fluid dynamic model given in Equation 3.2 and are at least for non-
catalytic anodized membranes in good agreement with SEM analysis. In
Figure 3.7 the resulting apparent pore size and porosity are displayed as a
function of the precursor concentration. The differences between the param-
eters determined for the non-catalytic membranes and those determined for
the catalytic membranes demonstrate that the pore microstructure is in deed
affected by the catalyst deposition.
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Figure 3.7: Catalytic membrane parameters determined from permeance mea-
surements by means of a flow model for transition regime
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The α values represent the axis intercept of the permeance plots corre-
sponding to the Knudsen contribution to the total permeance (Figure 3.2).
Surprisingly, these values decrease after catalyst deposition, which coincides
with increasing apparent pore diameters. The observed reduction of the
apparent porosity during catalyst deposition by trend matches the physical
expectations, although to an unexpected degree. Comparing the different
impregnation times (Table 3.6), no conclusive influence can be determined.
In all cases the apparent porosity decreases at longer impregnation time, but
the apparent pore diameter either decreases or increases.
The influence of the precursor concentration is more obvious (Figure 3.7).
For the W02 membrane a linear increase of the apparent pore diameter as
a function of the precursor concentration is observed. The K02 and K20 di-
ameters also increase with precursor concentration, although based on a lim-
ited number of experimental points. A strong porosity decrease is observed
at low precursor concentrations, extenuating towards higher concentrations.
Assuming constant tortuosity, the porosity decrease can be converted to a
theoretical catalyst volume fraction in the membrane pores
ζcat =
Vcat
Vpore
= 1− cat
noncat
. (3.6)
For the W02 membrane this theoretical catalyst volume reaches values of up
to 45 % of the total pore volume after catalyst deposition with a precursor
concentration of 6 gPd(acac)2/l. The real catalyst volume is presumably smaller
than this theoretical value, as a part of the decrease can be contributed to
increased tortuosity, generated by catalyst particles adhering to the pore
walls.
On the other hand, the continuous increase of the apparent pore diame-
ter, determined by combining the permeance measurements with a fluid dy-
namic model, lacks a physical explanation, as a decreasing pore size should
be expected when catalyst is deposited on the pore walls. The values may
be explained as correction for the overestimated porosity decrease. The
flow resistance increases during catalyst deposition, resulting in an increased
transmembrane pressure drop. The dramatically reduced apparent porosi-
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Table 3.7: Catalyst loading determined by UV-vis of precursor solution and by
ICP-OES of catalytic membrane samples
Sample mmem mcat,UV xcat,UV xcat,ICP xcat,ICP/xcat,UV
mg mg wt-% wt-%
W02-2a-10b 101.8 0.21 0.20 0.13 0.64
W02-2-24 109.0 0.26 0.24 0.11 0.46
W02-4-10 104.2 0.25 0.24 0.19 0.79
W02-4-24 104.7 0.26 0.25 0.17 0.68
W02-6-10 101.8 0.50 0.49 0.18 0.36
W02-6-24 107.6 0.28 0.26 0.16 0.61
K02-2-10 7385.6 1.24 0.02 0.01 0.59
K02-6-10 7752.5 3.66 0.05 0.02 0.42
K20-2-10 7596.7 1.50 0.02 0.01 0.51
K20-6-10 7568.9 3.77 0.05 0.03 0.60
aconcentration of precursor solution 2, 4 or 6 gPd(acac)2/l
bimpregnation time: 10min or 24 hour respectively
ties would cause a much stronger increase of the pressure drop than observed
experimentally, with the result that the apparent pore sizes increase in order
to compensate for this error. Thus, the combination of permeance measure-
ments with a transition regime flow model generates interesting information
about the pore structure but seems to be unsuitable for the exact determi-
nation of the geometric properties pore size and porosity. Nevertheless the
measurements confirm an increase of catalyst loading proportional to the
precursor concentration.
Combination of UV-vis measurements of the precursor solution and ICP-
OES analyses of the catalytic membrane samples allows for a complete mate-
rial balance of catalyst. Table 3.7 summarizes the resulting catalyst loading
as calculated from the change in precursor concentration and those measured
by ICP-OES.
The catalyst loading determined from the concentration change of the
precursor solution is always higher than the one determined by elemental
analysis of the catalytic membrane sample. The ratios vary between 36
and 79 %. This may have different reasons. A feasible explanation can be
given by assuming that, despite high pressure microwave digestion, not all
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of the catalyst is dissolved before the analysis. A different approach is based
upon the assumptions that either not all of the catalyst is deposited on the
membrane, but also on the impregnation vessel, or that a part of the catalyst
is lost during the evaporation and calcination steps. The extraordinarily
high value of the W02-6-10 sample suggests that systematic errors cannot be
entirely prevented.
Although the total amount of catalyst deposited on the K02 and K20
membranes exceeds that found on the W02 membranes, the specific catalyst
loading is smaller by one order of magnitude. This can be contributed to
the smaller pore dimensions in the W02 membranes, correlated to a higher
specific surface. In fact, for comparable deposition conditions, the catalyst
loading is approximately proportional to the specific surface.
Comparing the catalyst loading of the W02 membranes as a function
of the impregnation time, no correlation can be found. In some cases the
catalyst loading determined for 10 min of impregnation time exceeds the one
determined for 24 h of impregnation. It can be assumed that an impregnation
time of 10 min is sufficient for complete intrusion of the precursor solution
into the pores and that no further precursor adsorbs to the pore walls in
the following period of time. Thus, no variation of impregnation time is
performed for the Kerafol membranes.
Apparently the catalyst loading is a function of the precursor concentra-
tion and the specific surface of the sample, whereas the influence of impreg-
nation time is negligible. Scattering of the measurement data impedes deter-
mining a proper function, but comparing with the permeance measurements
a slightly less than linear relationship can be assumed. These observations
are in agreement with the results of Boitiaux et al. (1983) and Goetz et al.
(1995) presented in Table 3.5. The precursor solution concentrations of 2, 4
or 6 gPd(acac)2/l correspond to 0.7, 1.4 or 2.1 gPd/l. With a specific surface of
7.5 m2/g (Table 3.3) slightly lower than those given in Table 3.5, the catalyst
loadings determined by ICP are in good agreement with those measured by
Boitiaux et al. (1983) and Goetz et al. (1995).
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3.3 Reaction Experiments
Reaction experiments are performed to validate the different reactor models,
measuring conversion and selectivity of model reactions, pressure drop and
several temperatures. In Subsection 3.3.1 the thermodynamics and kinetics
of the applied model reactions are reviewed. Two different flow configu-
rations are discussed in Subsection 3.3.2 for the case that more than one
catalytic membrane is used as reactor. The experimental facilities for all
performed flow and reaction experiments are described in Subsection 3.3.3,
including the method applied for determining the product concentration by
FTIR spectroscopy. Finally initial experimental results are presented in Sub-
section 3.3.4, aiming at correlating catalyst loading and catalytic activity.
3.3.1 Model Reactions
Hydrogenations of unsaturated hydrocarbons are frequently applied as model
systems for heterogeneous gas phase reactions (Section 2.3). Palladium effi-
ciently catalyzes hydrogenation and dehydrogenation reactions. In the work
at hand, ethylene hydrogenation experiments are conducted, if only catalytic
activity and temperature effects are investigated. If selectivity is of inter-
est, partial ethyne hydrogenation is performed. Both reactions are highly
exothermic:
C2H2 + H2 −→ C2H4 ∆HR = −172 kJ/mol, (3.7)
C2H4 + H2 −→ C2H6 ∆HR = −137 kJ/mol. (3.8)
Ethene Hydrogenation Kinetics
Ethene hydrogenation is not of industrial relevance, because ethene is, in
contrast to the product ethane, a valuable intermediate for organic synthesis.
That is why reaction kinetics are hardly reported. For the hydrogenation of
ethene to ethane in absence of ethyne, Bos et al. (1993) observe severe mass
transfer limitations if the reaction is carried out in excess of hydrogen. Under
less extreme conditions, that is for temperatures between 303 and 353 K,
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pressures from 0.15 to 2 MPa and hydrogen concentrations of 2 to 15 %, the
following power-law rate expression is obtained:
rC2H6 = 1.99 · 106 exp(−4883/T ) p−0.85C2H4 p1.45H2 mol/(kg s).1 (3.9)
It is worth noting that the exponent of ethene is negative, predicting a de-
crease of ethane formation for increased ethene partial pressures. This result
suggests that the influence of adsorption and desorption and the resulting
coverage of the catalytically active surface play a decisive role and must be
taken into account if a mechanistic model is desired.
Ethyne Partial Hydrogenation Kinetics
Typical industrial conditions for the selective ethyne hydrogenation include
an ethene rich stream with only around 1 % of ethyne and a slight excess
of hydrogen. Bos and Westerterp (1993) review the kinetics and mechanism
of ethyne hydrogenation on palladium catalysts. Describing several reaction
steps, they claim that the reaction selectivity cannot be exclusively calcu-
lated from thermodynamics. The low number of kinetic studies presenting
practical rate expressions is attributed to the complex nature of the system,
which consists of at least four different reactions: hydrogenation of ethyne
to ethene, hydrogenation of ethene to ethane, direct hydrogenation of ethyne
to ethane and oligomerization of ethyne. However, the direct hydrogenation
route is of minor importance. Borodzinski (1999) postulates the existence
of two types of catalytic sites, created by carbonaceous deposits on the pal-
ladium surface. "A" sites represent small spaces that adsorb ethyne and
hydrogen but due to steric hindrance do not adsorb ethene and are thus
responsible for selectivity, whereas "E" sites adsorb all reactants.
For pressures between 0.3 and 2.1 MPa and temperatures between 299 and
330 K, Bos et al. (1993) test eight different sets of Langmuir-Hinshelwood-like
rate expressions. Many models are found to describe the data similarly well,
with lower accuracy for selectivity compared to conversion. Without addition
of CO the selectivity towards ethene typically reaches values between 0.3 and
1partial pressures in MPa
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0.6, whereas in the presence of CO selectivity increases up to 0.9. Mostoufi
et al. (2005) perform similar experiments deriving kinetic data for industrial
conditions, yielding complex expressions with a large number of parameters.
As the work at hand does not aim at reaction kinetics under industrial
conditions, the experiments are performed in absence of CO and without
excess of ethene. For these conditions, simple power-law expressions are
reported by Bos et al. (1993). The rate of ethyne hydrogenation at low
concentrations of ethene is found to be at least one or two orders of magnitude
lower than that of ethene hydrogenation in absence of ethyne, reducing the
probability of mass transfer limitations. The best results are obtained with
the following power-law rate expressions for a temperature of 303 K and
pressures between 0.4 and 1.6 MPa:
rC2H4 = 8.1 · 10−6 p0.52C2H2 p0.43H2 mol/(kg s), (3.10)
rC2H6 = 4.3 · 10−6 p0.14C2H2 p0.49H2 mol/(kg s). (3.11)
It is important to note that these kinetic rates only describe the gross be-
havior of the reaction system. Both products are treated as if they are
directly generated from ethyne and hydrogen, although the by far more rele-
vant mechanism for ethane formation is the hydrogenation of ethene, which
should be a function of ethene partial pressure rather than of ethyne.
As a result of the poor availability of kinetic data, the general power rate
law with variable parameters shown in Equations 3.12 and 3.13 is applied in
the work at hand, using the kinetics given by Bos et al. (1993) as a reference.
Although this is a severe simplification of the heterogeneous reaction mech-
anism, this approach should generate suitable reaction rates for the range of
operating conditions applied in the work at hand. An Arrhenius approach
(Equation 3.14) accounts for temperature dependence of the rate constants.
rC2H2 = −k1 pm1C2H2 pn1H2 (3.12)
rC2H6 = k2 pm2C2H4 p
n2
H2 (3.13)
ki = ki∞ · exp
(
− Ei
RT
)
(3.14)
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Figure 3.8: Reactor module employed for flow-through experiments
3.3.2 Reactor Module and Membrane Configurations
The reactor module has to fulfil several tasks:
• Provide inlet and outlet for gas flows on opposite sides of the membrane,
• Provide open membrane surface with even flow distribution,
• Support the membrane to prevent breakup,
• Seal the gap between membrane and module to prevent slippage,
• Transfer heat to the membrane during heating,
• Transfer heat from the membrane during reaction.
For a single catalytic membrane the best results are achieved by a module
consisting of a bottom part (body), a porous support plate, a graphite gasket
and a top part (lid), as displayed in Figure 3.8. The body provides an
exit connection for the product gas flow and a circular cavity for a porous
metal support plate, the membrane itself and the module lid. The catalytic
membrane is put on top of the support plate, followed by a graphite gasket
with a thickness of 2 mm (Seybold IP 47 x 25 mm). A hole in the center of the
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support plate allows for insertion of a thermocouple. The lid of the module
is equipped with an inlet connection for the feed gas flow and an outside
sealing O-ring (FKM 80) to seal the gap between lid and bottom part. It
is mounted to the body by means of four socket screws. The thermocouples
are introduced via the inlet and exit fittings. No special measures have been
taken to improve the heat transfer from the membrane.
Assembly
The support plate is introduced into the body of the module. The catalytic
membrane is put on top of the support plate, followed by the graphite gasket,
ensuring that the chamfered side faces the membrane. The lid is introduced
into the body and manually pressed until touching the graphite gasket. The
screws are tightened only slightly. Due to the different thermal expansion
of the materials, the membrane has to be heated to the desired operation
temperature before further tightening to prevent membrane breakage. When
operation temperature is reached, a low inert gas flow is metered to the
module, measuring pressure drop. Finally the screws are tightened gradually
until no further pressure drop increase is observed.
Multiple Flow-Through
Although the extremely short reactor length represents one of the main char-
acteristics of the concept, in some cases a longer reaction path is desirable,
resulting in increased contact time and narrower residence time distribution.
Ways of increasing the reactor length without increasing individual mem-
brane thickness are given either by flowing through several membranes in
sequence (Figure 3.9(a)) or by flowing through different parts of the same
membrane in sequence according to Figure 3.9(b). Flow through multiple
membranes in sequence can easily be achieved by piling more than one cat-
alytic membrane directly on top of each other in the reactor module described
above. No further sealing is necessary, which can be seen in an increase of
the pressure drop proportional to the number of membranes. The concept of
flowing multiply through a single membrane has been abandoned after first
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(a) Flow through multiple mem-
branes
(b) Multiple flow through single
membrane
Figure 3.9: Configurations for multiple flow-through
Figure 3.10: Flow sheet of experimental test facility
trials due to serious problems with sealing and membrane stability. Increased
pressure drop represents the major drawback of multiple flow-through.
3.3.3 Test Rig and Analytics
An experimental setup consisting of a heated reactor module with supply of
up to three controlled gas flows, temperature and pressure measurement as
well as in-line product analytics is applied for the flow and reaction experi-
ments (Figure 3.10).
The gaseous reactants (Acetylene 2.6, Ethylene 5.0, Hydrogen 5.0) as
well as inert gas (Nitrogen 5.0) are supplied in compressed gas cylinders and
metered by means of three mass flow controllers F1, F2 and F3 (Buerkert
Mass Flow Controller Byp. CMOSENS Light 8711, 3 lN/min). The reactor
module is situated in a temperature controlled drying oven (Siemens Sichro-
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mat 1, 300 ◦C) and equipped with five thermocouples (NiCr-Ni (Type K),
D = 0.5 mm) for measuring the temperatures of feed gas (T1), reactor mod-
ule (T2), inlet membrane surface (T3), outlet membrane surface (T4) and
permeate gas (T5). The manual needle valve V4 downstream of the reactor
can be used to control the absolute pressure in the reactor, which is mea-
sured upstream of the reactor by means of a WIKA pressure transmitter IS-10
(P1, 0 – 1 bar abs.). The transmembrane pressure difference is measured by
a WIKA Differential pressure transmitter Tronic 891 (P2, 0 – 1 bar).
Measurement of reactant concentration
The reactant concentrations are measured in-line by means of Fourier trans-
form infrared spectroscopy (FTIR), applying a Bruker Vector 33 instrument.
The hydrocarbons ethyne, ethene and ethane can be detected independently
according to their representative absorption signals. The highest peaks are
found for ethyne at 730 cm−1, for ethene at 950 cm−1 and for ethane at
2950 cm−1 (Figure 3.11). The absorption signals are evaluated to calculate
the relative concentrations of the detectable reactants. Hydrogen and nitro-
gen cannot be detected by FTIR. Their concentrations are calculated by a
stoichiometric balance.
The measured spectrum of the gas mixture is reproduced by a linear com-
bination of the pure component signals, weighted according to their relative
absorption arel,i, which resembles the ratio of the measured signal and the
pure component signal. Two further variables are added to account for zero
offset and linear drift. The five parameters are obtained using a least squares
method.
While the absolute absorption signal obtained by FTIR is subject to
change due to wear of optical components, the ratio of signals of two different
components stays constant. Thus, the sum of the relative absorptions arel,i
of the detected gases obtained by the described method might reach values
larger than one, if the measurement of the pure component signals has not
been performed on the same day. Definition of reduced mole fractions x∗i ,
which are related to the total amount of hydrocarbons rather than to the
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Figure 3.11: FTIR spectra of ethyne, ethene and ethane
complete reactant mixture, allows for direct calculation of conversion X and
selectivity S. In contrast to the mole fractions xi, the reduced mole fractions
x∗i are not affected by a molar flow rate reduction due to reaction, as the
total amount of HC molecules is invariant.
x∗i =
arel,i∑
arel,i
= n˙i
n˙HC
(3.15)∑
x∗i = 1 (3.16)
For ethene hydrogenation in absence of ethyne, only two HC are detected
and the total amount of hydrocarbons corresponds to the initial amount of
ethene. Thus, the conversion can be calculated according to:
XC2H4 =
n˙C2H4,0 − n˙C2H4,1
n˙C2H4,0
= 1− x∗C2H4 . (3.17)
For ethyne hydrogenation in initial absence of ethene and ethane, all three HC
are detected. Ethyne conversion and selectivity towards ethene are calculated
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as
XC2H2 =
n˙C2H2,0 − n˙C2H2,1
n˙C2H2,0
= 1− x∗C2H2 , (3.18)
SC2H4 =
∆n˙C2H4
∆n˙C2H2
=
x∗C2H4
1− x∗C2H2
. (3.19)
3.3.4 Catalyst Loading and Catalytic Activity
The catalytic activity of the different membranes is characterized by perform-
ing reaction experiments, applying ethene hydrogenation as model reaction.
The measured conversion for given process parameters is correlated to the
calculated porosity and amount of catalyst as determined in Section 3.2.2.
Both Whatman and Kerafol membranes are applied.
Figure 3.12(a) shows the achieved conversions of ethene hydrogenation
experiments with stoichiometric feed of reactants as a function of the total
standard volumetric flow rate. W02 membranes with different catalyst load-
ing are employed at feed temperatures of 100 ◦C with ambient pressure on the
permeate side. As determined in Subsection 3.2.2, the catalyst loading in-
creases with increasing concentration of the precursor solution. The observed
space-time-yields reach values of 100 kmol/(m3 s) or 3 kg/(L s) respectively.
Contrary to the expectations, the achieved ethene conversion decreases
with increasing catalyst loading. Apparently the catalytically active surface
does not grow proportionally to the amount of catalyst, for example due to
formation of larger particles. If additionally the reaction rate is limited by
a low number of available catalytically active sites due to the surface cover-
age, the decreasing conversion as a function of the flow rate can be explained.
Consequently, the reduced apparent porosity of the catalytic membranes with
higher catalyst loading, as determined in Subsection 3.2.3, reduces the hy-
drodynamic residence time in the catalytic pores, which in combination with
the missing increase of catalytically active sites results in decreased conver-
sions. As a further explanation, increasing the total amount of catalyst in
the membrane may lead to complete blocking of single pores, resulting in
an increased pressure drop and keeping the catalyst in the blocked pores
unavailable for the reactants.
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Figure 3.12: Ethene hydrogenation experiments with catalytic membranes: Con-
version as function of total standard volumetric flow rates; stoi-
chiometric feed of ethene and hydrogen, feed temperature 100 ◦C,
ambient permeate pressure
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Results of ethene hydrogenation experiments performed with sintered
Kerafol membranes are shown in Figure 3.12(b). In the displayed experi-
ments, the reactants are fed stoichiometrically with 33 % nitrogen dilution
at feed temperatures of 100 ◦C with ambient pressure on the permeate side.
Although three of the four investigated membranes produce similar conver-
sions, especially at higher flow rates, the K20 membranes show higher cat-
alytic activity than the K02 membranes, although their catalyst loading is
comparable. In contrast to the experiments with the anodized membranes,
the conversions do not decrease with increasing amount of deposited catalyst.
In summary of all measurements, the obtained conversion is not directly
correlated to the catalyst loading determined by ICP and UV-vis, but rather
to the mean hydrodynamic residence time, indicating transport resistances
due to a limited number of free catalytic sites. The influence of the mem-
brane type and microstructure appears to be equally significant and will be
discussed in Section 5.4.
3.4 Conclusions
The microstructure of different ceramic alumina membranes is characterized
according to pore geometry, size distribution, porosity and tortuosity by
means of several analytic methods. Anodic alumina membranes are made up
of uniform cylindrical channels with a mean pore size around 0.2µm and a
narrow pore size distribution, whereas sintered alumina membranes show a
non-uniform structure with remarkable tortuosity.
Palladium is deposited as hydrogenation catalyst in the pores of the both
anodized and sintered ceramic membranes by a dry impregnation method
employing Pd(acac)2 solved in toluene. The catalytic preparation slightly
modifies the microstructure by reducing the porosity, although catalytic par-
ticles are not detectable by SEM. The amount of catalyst deposited in the
membranes is assessed by different methods. The resulting catalyst loading
is a function of the catalyst concentration in the precursor solution and of the
specific surface of the membrane, whereas increasing the impregnation time
beyond 10 minutes shows no measurable effect on the catalyst loading. At in-
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termediate catalyst concentrations in the precursor solution of 4 gPd(acac)2/l,
corresponding to 1.4 gPd/l, a catalyst loading of around 0.2 wt% Pd is ob-
tained for the anodized membranes. Due to low catalyst concentrations be-
low the detection limit of the applied methods, a spatial catalyst distribution
inside the membrane cannot be determined.
Ethene hydrogenation and partial ethyne hydrogenation are selected as
model reactions. The experimental test rig allows for performing flow and
reaction experiments with up to three independently metered reactants and
in-line product analytics using FTIR-spectrometry. Arranging several mem-
branes in sequence can create a longer reaction path resulting in increased
contact time and a narrower residence time distribution. Ethene hydro-
genation experiments are performed with space-time-yields in the range of
100 kmol/(m3 s) applying the anodized Whatman membranes. Whereas the
catalytic activity of the membranes is expected to increase with the catalyst
loading, the observed decrease indicates a reduction of available catalytic
surface sites. Especially in the anodized Whatman membranes, an exces-
sive amount of catalyst in the pores might cause an inhomogeneous catalyst
distribution or even complete blockage of single pores, reducing the total
catalytic activity of the membrane.
Chapter 4
Reactor Fluid Dynamics
Fluid dynamic models allow for detailed characterization of chemical reactors
independently from a respective chemical reaction. The pressure drop caused
by a reactor can be calculated beforehand by means of correlations. Suitable
models can predict the residence time distribution, which is one of the main
characteristics to describe reactor performance. This is elucidated in Sec-
tion 4.1 for the investigated catalytic membrane reactor, deducing guidelines
for suitable operating parameters. The models are based on the straight mi-
crochannel structure of the anodized Whatman membranes. They might be
applied for sintered membranes as well, but would require implementation of
suitable correction factors such as tortuosity.
Commonly used correlations are based on the continuum hypothesis,
which neglects molecule-wall interactions compared to molecule-molecule in-
teractions. For the small dimensions of the membrane pore channels, this
hypothesis is not always valid. Section 4.2 discusses the influence of so-
called rarefaction effects on the reactor behavior, especially on the pressure
drop.
4.1 Residence Time Distribution
Basic reactor modelling assumes idealized flow patterns in continuous reac-
tors with the extreme cases of a plug flow tubular reactor (PFTR) on the one
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hand and a continuous stirred tank reactor (CSTR) on the other hand. For
non-ideal flow, elements of fluid can take different routes through a reactor,
spending different periods of time inside the reactor. The residence time dis-
tribution (RTD) E(t) describes the distribution of these times for the stream
of fluid leaving the vessel. It has the unit of [1/s] and is normalized in such
a way, that the area under the curve becomes unity (Levenspiel, 1999)
∫ ∞
0
E(t)dt = 1. (4.1)
For measuring the RTD, a tracer signal has to be set at the reactor inlet at
t = 0 and the concentration of the tracer at the outlet has to be measured
as a function of time. E(t) is obtained experimentally as a pulse response,
which means that all tracer is added in a single pulse. The step response
F (t) can be obtained by permanently increasing the tracer concentration at
the inlet in a step function. Both functions are correlated as follows:
F (t) =
∫ t
0
E(t)dt, (4.2)
E(t) = dF (t)
dt
. (4.3)
Step and pulse responses of an ideal CSTR and an ideal PFTR will be,
amongst others, displayed in Figure 4.2.
A narrow residence time distribution is crucial for reaction systems with
undesired sequential reactions. PFTR behavior represents the optimum flow
pattern in this case. In a PFTR all fluid elements flow through the reactor at
equal velocity without any axial mixing, yielding a sharp RTD in the shape
of a Dirac delta function, equal to the tracer signal at the inlet.
For the investigated reactor concept the RTD can hardly be measured
directly. From a reaction point of view, only the time the reactants are in
contact with catalyst is of interest, being the time the fluid spends in the
membrane pores. Due to the large number of membrane pores, the time
required for spreading the signal to all pore channels will be at least in the
same order as the time the tracer spends inside the membrane, which is
in the range of milliseconds. Thus, direct measurement of the RTD is not
4.1. RESIDENCE TIME DISTRIBUTION 83
promising.
Nevertheless, based on a few assumptions a realistic model of the reactor
hydrodynamics can be created, allowing for calculation of the resulting RTD
for various operation conditions. Experimental proof for a narrow RTD can
be found indirectly by performing a sequential reaction, comparing the selec-
tivity with the ideal selectivity expected in a PFTR. This will be examined
in Chapter 6.
The so-called dispersion model has been created to describe the hydro-
dynamic behavior of non-ideal reactors similar to PFTRs. All deviations
from ideal behavior, such as velocity profiles or axial diffusion processes, are
accounted for with a single parameter, called axial dispersion coefficient Dax,
in a diffusion-like process superimposed on plug flow.
The flow-through catalytic membrane microchannel reactor can be con-
sidered a tube bundle reactor on microscale. It consists of a large number of
parallel independent pore channels. In the ideal case all pore channels exhibit
equal diameter and axial dispersion is negligible, resulting in PFTR behavior.
The following deviations from this ideal behavior will be elucidated:
• The influence of pore size distribution is investigated by applying a
model of parallel PFTRs with different diameters.
• Based on the parallel PFTR model, the influence of flowing through
several membranes in series will be quantified.
• Axial dispersion in a single pore channel is quantified applying the
dispersion model.
• Finally, pore size distribution and axial dispersion influence are com-
bined to find ideal operating conditions.
4.1.1 Pore Size Distribution and Plug Flow
The commercially available anodized alumina membranes do not show ex-
actly uniform pores but an observable pore size distribution (Section 3.1).
To quantify the influence of this distribution on the expected RTD, a sim-
ple membrane model is set up, consisting of a number of parallel PFTRs
with different diameters. For ease of computation, the distribution of pore
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Table 4.1: Representative pore size distribution determined for W02 membrane
(Whatman Anodisc 0.2µm), subdivided into nine pore size classes
Nominal pore size Pore size range Rel. frequency
di [nm] [nm] Ni/Ntot
150 140 < d ≤ 160 0.014
170 160 < d ≤ 180 0.043
190 180 < d ≤ 200 0.075
210 200 < d ≤ 220 0.146
230 220 < d ≤ 240 0.241
250 240 < d ≤ 260 0.268
270 260 < d ≤ 280 0.172
290 280 < d ≤ 300 0.036
310 300 < d ≤ 320 0.006
diameters is discretized into j pore size classes of equal width and a nominal
pore size in the arithmetic mean of the pore size class. Table 4.1 shows an
exemplary distribution for j = 9.
Each single pore is considered to be an ideal PFTR with constant diam-
eter and axial velocity. Axial dispersion effects are neglected in this section,
but will be quantified in Subsection 4.1.2. Although pressure drop along the
channel due to friction is neglected regarding axial velocity, it has to be con-
sidered to calculate the split of the total flow into the single pore size classes.
The influence of Knudsen-diffusion is neglected.
Introducing the mean pore diameter dm, the mean cross-sectional area of
the pores Am is
Am =
pi
4 · d
2
m. (4.4)
The flow-through area of the membrane Amem is
Amem =  · pi4 ·D
2
mem, (4.5)
with the open membrane diameter Dmem and the porosity .
The total number of pores available for convective flow Ntot amounts to
Ntot =
Amem
Am · ∑i ( AiAm · NiNtot) =
Amem
Am · ∑i NiNtot ( didm)2 (4.6)
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with the subscript i representing the single pore size classes and Ni
Ntot
the
relative frequency of the respective pore size class as determined in Table 4.1.
The sum in the denominator can be interpreted as a correction factor for non-
ideal membrane geometry, turning to one for uniform pores.
The total flow is split into the pore size classes in such a way that the
resulting pressure drop in all parallel pores will be equal. Thus, the relative
axial flow velocity in each pore size class, related to the axial velocity in a
pore of the mean pore size, can be calculated from the correlation for the
pressure drop in laminar circular channels
∆p = 32 η ui L
d2i
, (4.7)
yielding
ui
um
=
(
di
dm
)2
. (4.8)
The resulting residence time for each pore size class amounts to
τi =
L
ui
. (4.9)
For calculation of the RTD not only the residence times of each pore size
class are required, but also the share of the total flow, that passes through
the respective pore size class. This is calculated by the number of pores in
the pore size class Ni and the molar flow rate through each pore size class
n˙i, which itself depends on the axial flow velocity ui and the cross-sectional
area Ai. The relative molar flow rate through each pore size class can be
calculated by means of the continuity equation, assuming constant density
for the sake of simplicity
n˙i
n˙m
= ui
um
·
(
di
dm
)2
=
(
di
dm
)4
. (4.10)
As all pore size classes are correlated to a mean pore size dm, the absolute
values for axial velocity um and molar flow rate n˙m of this mean pore size
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remain to be calculated according to
n˙m =
n˙tot
Ntot · ∑i NiNtot ( didm)4 , (4.11)
um =
n˙m ·R ·T
p ·Am , (4.12)
assuming ideal gas behavior with pressure p, temperature T and the gas con-
stant R. Again the sum in the denominator can be interpreted as a correction
factor for non-ideal membrane geometry, turning to one for uniform pores.
With this information, the resulting residence time distribution can be
calculated for given molar flow rate n˙tot, pressure p, temperature T and pore
size distribution. The result will be a step-shaped function with a number of
steps according to the number of pore size classes j (Figure 4.1).
To obtain a resulting RTD for flow through several membranes in series,
perfect mixing is assumed in the space between the single membranes. The
RTD after each membrane is determined by adding the residence times in
the current membrane to the accumulated residence times of the previous
membranes, taking into account all possible combinations of pore classes
and weighting their probability according to their relative flow rates. Thus
the step-shaped function after the nth membrane consists of jn steps.
As becomes obvious when considering the case of a cascade of CSTR,
flowing through several reactors in sequence reduces the width of the RTD.
If different configurations are supposed to be comparable, the total mean
residence time has to be kept constant. Thus, for comparing the resulting
RTD for flow through n membranes in series with the RTD for a single mem-
brane, the total molar flow rate has to be multiplied by n to obtain the same
total mean residence time. The result of this calculation is illustrated in Fig-
ure 4.1, comparing the cases of 1, 2, 4 and 8 membranes in series. Increasing
the number of membranes to values higher than 4 quickly leads to prohibitive
pressure drops, if the flow through velocity is increased simultaneously. As
the pressure drop is proportional to the axial velocity (Equation 4.7) and also
proportional to the number of membranes, a reactor of n serial membranes
with the same mean residence time as a single membrane reactor will have
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Figure 4.1: Step response RTD for plug flow through 1, 2, 4 and 8 membranes
in series as function of normalized residence time
an increased pressure drop by a factor of n2.
The resulting RTD obviously shows deviations from ideal PFTR behav-
ior. The dependence on the fourth power of the pore diameter significantly
amplifies even smaller deviations from the mean pore size. Nevertheless, even
a single membrane is far from CSTR behavior, and for a membrane reactor
consisting of 3 or more membranes in series, the RTD can be considered
rather narrow.
4.1.2 Isoporous Membrane with Dispersion
The material balance for the dispersion model is given as:
∂c
∂t
= −u∂c
∂z
+Dax
∂2c
∂z2
. (4.13)
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Introducing the dimensionless Bodenstein number Bo, describing the flow
behavior of the whole reactor
Bo = uL
Dax
, (4.14)
and the mean residence time τ = L/u yields:
∂c
∂(t/τ) =
1
Bo
∂2c
∂(z/L)2 −
∂c
∂(z/L) . (4.15)
When axial dispersion is taken into account, the RTD of a single pore
deviates from PFTR behavior. For small deviations from plug flow, i.e.
Bo > 100, a symmetric E(t) can be assumed, the reactor behavior is very
similar to a PFTR. Appreciable dispersion results in an asymmetric E(t). In
this case different boundary conditions can be assumed. The closed vessel
boundary condition implies that the fluid only enters or leaves the pore once,
whereas the open vessel boundary condition allows the fluid to cross the
boundaries more often. As Levenspiel (1999) points out, only the closed-
closed boundary condition (closed at inlet and at outlet) yields a proper RTD,
but cannot be solved analytically. A numerical solution can be determined
using the boundary conditions introduced by Danckwerts (1953), allowing a
concentration step at the reactor entrance
z = 0 : c = c0− +
1
Bo
d2c
d(z/L)2 (4.16)
z = L : dc
d(z/L) = 0 (4.17)
with c0− as upstream concentration just outside the reactor.
For open-open boundary conditions an analytical solution exists (Baerns
et al., 1999; Pallaske, 1984). The normalized pulse response amounts to
E(θ) = 12 θ
√
Bo
pi · θ · exp
(−(1− θ)2 ·Bo
4 θ
)
(4.18)
and exclusively contains Bo as variable parameter. The respective step re-
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sponses can be calculated by integration.
Resulting E(θ) and corresponding F (θ) for different values of Bo for closed
and open boundary conditions are illustrated in Figure 4.2. A large value
of Dax corresponds to a wide RTD with the extreme case of CSTR behavior
for Dax → ∞ or Bo = 0 respectively. Accordingly a small value describes
a narrow RTD with PFTR behavior for Dax = 0 or Bo → ∞ respectively.
For high values of Bo the differences between open-open and closed-closed
boundary condition are negligible, whereas for high dispersion, i.e. low Bo,
significant deviations can be observed.
In the case of the catalytic membrane microchannel reactor, the pore
length L = 60µm is assumed to be constant for all membranes. The other
parameters influencing Bo, axial velocity u and axial dispersion coefficient
Dax depend on the operating conditions. The axial velocity is directly influ-
enced by the volumetric flow rate, which itself depends on molar flow rate,
absolute pressure and temperature
u = n˙ ·R ·T
p ·  ·Amem . (4.19)
For small channel diameters the feed to permeate pressure ratio can reach
values up to 10 or higher. Compressibility effects are extremely pronounced in
this case (Sabry, 2000), producing a significant velocity profile. For reasons of
simplification, we assume a rather small ratio of feed and permeate pressure,
leading to an almost constant axial velocity.
Although the flow in the microchannels is laminar, the intensive radial
mixing produces a uniform radial concentration profile (Rouge et al., 2001).
Consequently, axial dispersion in a microstructured pore is not based on
deviations of the flow profile from plug flow but exclusively on molecular
diffusion (rarefaction will be accounted for in Section 4.2.3). The molecular
dispersion coefficient for a single fluid represents a fluid property and strongly
depends on absolute pressure and temperature
Dax = Dmol =
1
3 u¯λ ∝
T 1.5
p
, (4.20)
90 CHAPTER 4. REACTOR FLUID DYNAMICS
0 0.5 1 1.5 2
0
1
2
3
θ = t/τ
E(
θ)
 
 
Bo = 0 (CSTR)
Bo → ∞ (PFTR)
Bo = 1
Bo = 10
Bo = 100
(a) Normalized pulse response E(θ)
0 0.5 1 1.5 2
0
0.2
0.4
0.6
0.8
1
θ = t/τ
F(
θ)
 
 
Bo → ∞ (PFTR)
Bo = 100
Bo = 10
Bo = 1
Bo = 0 (CSTR)
(b) Normalized step response F (θ)
Figure 4.2: Residence time distributions for dispersion model with closed-closed
boundary condition (solid lines) and open-open boundary condition
(dashed lines) under variation of Bo = uL/Dax
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with the mean molecular velocity u¯ and the mean free path λ. For example
the molecular diffusion coefficient and thus the axial dispersion coefficient
of nitrogen under standard conditions is in the range of Dax = 10−5 m2/s.
For an axial velocity of u = 1 m/s and ambient pressure, the Bodenstein
number results to Bo = 6. At 10 bar, Dax decreases to 10−6 m2/s. At the
same time the axial velocity will be reduced by a factor of 10, if the molar
flow rate is kept constant. Accordingly Bo is proportional to the molar flow
rate and strongly increases for constant axial velocity at elevated pressures,
which signifies that the negative effect of axial dispersion on the RTD is of
major importance mainly for low absolute pressures.
4.1.3 Combined Pore Size Distribution and Axial Dis-
persion
In reality, the two considered effects do not occur separately. The result-
ing RTD is influenced by both PSD and axial dispersion. As a combined
model, the multi-tube model composed of PFTR with different diameters as
introduced in Subsection 4.1.1 can be extended by allowing axial dispersion
according to Subsection 4.1.2 in each pore size class. The analytical solu-
tion for the dispersion model with open-open boundary conditions (Equation
4.18) is applied to each pore size class. Bo will vary in the different pore size
classes proportional to the axial velocity ui, while the other parameters L
and Dax remain constant for all pores. As the resulting pulse response E(t)
for each pore size class is now a continuous curve rather than a Dirac delta
function, an integration yielding the corresponding step responses is not re-
quired.
For each pore size class i a pulse response with a mean residence time
τi and a resulting Boi is obtained. These responses are weighted according
to the share of the total flow, which passes the respective pore size class.
The resulting RTD for the whole membrane is obtained by summation of
the respective signals of the pore size classes as shown in Figure 4.3 for the
two cases Bom = 1 and Bom = 50. Bom signifies the Bodenstein number
valid for the mean pore size dm. The increased axial velocity in the large
92 CHAPTER 4. REACTOR FLUID DYNAMICS
0 0.5 1 1.5 2
0
0.5
1
1.5
2
θ = t/τ
m
E(
θ)
di = dm = 235 nm
225
245
255
(a) Bom = 1 (Strong axial dispersion)
0 0.5 1 1.5 2
0
0.5
1
1.5
2
θ = t/τ
m
E(
θ)
di = dm = 235 nm
255
245
225
(b) Bom = 50 (Weak axial dispersion)
Figure 4.3: Accumulated pulse responses for combined dispersion model and 17
pore size classes
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pores results in a reduced mean residence time as well as a high value of
Boi, yielding sharp peaks for small residence times and wide peaks for large
residence times. Further, a larger share of the total flow passes the large
pores, leading to a negligible influence of the small pore size classes. As
can be seen in Figure 4.3, the pore size classes larger than the mean pore
diameter dm = 235 nm contribute much stronger to the RTD than the mean
pore diameter, whereas the influence of the four smallest pore size classes is
hardly visible.
For small values of Bom (Figure 4.3(a)), two features should be noticed:
On the one hand, the resulting residence time distribution is very wide,
resembling more a CSTR than a PFTR. On the other hand, the influence of
the pore size distribution is negligible. The pulse responses of the single pore
size classes show comparable mean values. The accumulated signal is similar
to the pulse response of an isoporous membrane with mean pore size.
For increased Bom (Figure 4.3(b)) in contrast, the resulting RTD is rather
narrow. However, the contributions of the discrete pore size classes are shifted
laterally, leading to a much wider E(t) than for an isoporous membrane. The
smaller pore size classes generate a considerable tailing due to their low axial
velocities. Further increase of Bom would consequently lead to a number of
single peaks corresponding to the pore size classes, finally becoming the plug
flow pore size distribution model developed in Subsection 4.1.1 for Bom →∞.
For simplified handling and improved comparability, the influences of
axial dispersion and pore size distribution can be combined in a single pa-
rameter, called effective Bodenstein number Boeff . It can be obtained by
fitting the parameter Bo in Equation 4.18 to best reproduce the accumulated
RTD with combined axial dispersion and pore size distribution as displayed
in Figure 4.3.
Figure 4.4 shows a comparison of the RTD obtained by applying the
combined axial dispersion and PSD model with the respective RTD for the
dispersion model in the reference pore and the effective dispersion model with
the resulting Boeff . For strong dispersion (Figure 4.4(a)), all three models
produce similar results, Boeff ≈ Bom. For weak dispersion (Figure 4.4(b)), the
dispersion model for the reference pore strongly deviates from the combined
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Figure 4.4: Comparison between pulse response for (1) combined pore size dis-
tribution and dispersion "Boi", (2) dispersion model for mean pore
size "Bom" and (3) effective dispersion model "Boeff"
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model and the corresponding Boeff is significantly smaller than Bom.
In both cases, a deviation between the resulting mean residence time of
the whole membrane τeff and the mean residence time in the pore of mean di-
ameter τm is caused by the disproportionately high contributions of the large
pores to the total membrane flux. Consequently, the Bodenstein number of
the mean pore size Bom has limited relevance, because it corresponds to a
fluid velocity um smaller than the effective mean velocity ueff . This explains
why in Figure 4.4(a), the resulting Boeff with PSD even slightly exceeds Bom
for the mean pore size.
A representative reference pore size dref has to be defined in such a way,
that its mean residence time corresponds to the mean residence time of the
membrane. It can be determined from the resulting τeff/τm as given in Fig-
ure 4.4 by means of Equations 4.8 and 4.9 resulting in
τeff
τm
=
(
uref
um
)−1
=
(
dref
dm
)−2
. (4.21)
If the effective Bodenstein numbers are compared with those of a single chan-
nel with the reference pore size dref rather than with the mean pore size, the
deviation observed in Figure 4.4 disappears and even for small values Boeff
does not exceed Boref .
A functional correlation between Boref and the corresponding Boeff can be
obtained by calculating Boeff for several values of Boref and fitting the param-
eters of a suitable function, as shown in Figure 4.5. An excellent agreement
can be obtained by applying the following single-parameter function:
Boeff =
58.6 ·Boref
58.6 +Boref
. (4.22)
For small values of Boref , i.e. strong dispersion, Boeff is equal to Boref , im-
plying that effective dispersion is solely based on axial dispersion. For large
values of Boref on the other hand, Boeff is significantly lower than Boref . It
approaches a maximum value of BoPSD = 58.6, which is caused by the pore
size distribution, even if axial diffusion is completely negligible. In other
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terms, the correlation can be rewritten to
1
Boeff
= 1
Boref
+ 1
BoPSD
. (4.23)
This way it becomes obvious, that the effective dispersion depends on axial
diffusion and pore size distribution in equal measure and that it can be calcu-
lated comparably to a parallel circuit of electric resistances. The parameter
BoPSD and the reference pore size dref can directly be determined from the
pore size distribution by varying the parameter Bo in Equation 4.18 to best
fit the pulse response of a plug flow reactor with pore size distribution, as
described in Subsection 4.1.1.
Regarding the best operating conditions of the catalytic membrane re-
actor, the narrowest RTD and consequently the highest selectivity can be
achieved at the lowest effective dispersion. This means that high pressure
and high axial velocity are desirable. As the resulting pressure drop limits the
economic feasibility of the process, a reasonable optimum can be determined
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based on Figure 4.5. An imaginable limit for increasing the axial velocity
would for example be given by arbitrarily defining the condition, where axial
diffusion and pore size distribution contribute equally to the effective disper-
sion as optimum, that is Boref = BoPSD = 58.6, resulting in Boeff = 29.3 for a
single membrane reactor.
4.2 Pressure Drop and Microeffects
The small dimensions in the range of micrometers and below, resulting in
avoidance of diffusive limitations, are the main characteristics that discrimi-
nate the concept of flow-through catalytic membrane reactors from conven-
tional catalytic reactors. Two contrary effects stem from this miniaturization:
On the one hand, the pressure drop caused by laminar flow through a chan-
nel is inversely proportional to the square of the channel diameter, resulting
in potentially very high pressure drop. On the other hand, the channel di-
mensions are in the order of the mean free path of the reactants, especially
if the reactor is operated close to ambient pressure. This causes unfamiliar
effects compared to the conventional theory based on a continuum of fluid.
These two phenomena and their effects on reactor behavior are discussed in
this section.
4.2.1 Flow Regimes in Microchannels
Flow and heat transfer characteristics of a gas flowing in microchannels can-
not be adequately predicted by the correlations and theories developed for
conventionally sized channels (Rostami et al., 2002). Due to the small charac-
teristic dimensions present in the investigated membrane, the behavior of the
system may show deviations from classical continuum theory. In microstruc-
tures, size and surface effects play a much stronger role than in macroscopic
dimensions leading to phenomena such as intensified heat and mass transfer
or Knudsen and molecular diffusion.
Momentum and energy transport in a fluid as well as convergence to a
thermodynamic equilibrium occur due to intermolecular collisions (Karni-
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Table 4.2: Flow regimes according to Knudsen number
Flow regime Knudsen range
Continuum flow Kn ≤ 0.01
Slip flow 0.01 < Kn < 0.1
Transition flow 0.1 < Kn < 10
Free-molecular flow 10 ≤ Kn
adakis et al., 2005). The average distance travelled by molecules between
two collisions is known as the mean free path λ. For example for air at
standard conditions the mean free path is λ = 6.5 · 10−8 m.
If the channel dimensions are in the order of the mean free path, wall
collisions become more probable than intermolecular collisions, resulting in
different fluid behavior than in a continuum. The key parameter to describe
the relative importance of fluid and wall collisions is the Knudsen number,
defined as the ratio between the mean free path and the channel diameter d
Kn = λ
d
. (4.24)
As λ and thus Kn is inversely proportional to the pressure, non-continuum
effects are known from high-vacuum technology, producing the term ’rarefac-
tion effects’.
Table 4.2 displays the different flow regimes that are defined according to
the value of Kn (Karniadakis et al., 2005). In continuum flow regime the con-
tinuum hypothesis is valid and the Navier-Stokes equations properly describe
fluid flow. Most published works dealing with microreactors assume the va-
lidity of the Navier-Stokes equations. For microchannels larger than 30µm
the flow can be described by conventional theory and laminar to turbulent
transition is governed by the conventional rule Re ≈ 2500. Gas is modelled as
continuum, in liquids rarefaction does not occur in microchannels (Gokhale
et al., 2005). The slip flow regime received its name from the apparent in-
validity of the no-slip boundary condition at the walls, due to the fact that
the thickness of the boundary layer is not negligible compared to the channel
diameter. In the transition flow regime, molecule-molecule and molecule-wall
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interactions are equally important, whereas in the free-molecular flow regime
finally molecule-molecule interactions become negligible.
In a flow-through membrane reactor with a mean pore size of 0.2µm the
resulting Knudsen number for air at standard conditions is Kn ≈ 0.3, cor-
responding to the transition flow regime. This has the effect that pressure
drop, shear stress, heat flux and corresponding mass flow rate cannot be pre-
dicted properly from flow and heat transfer models based on the continuum
hypothesis (Karniadakis et al., 2005). Numerical simulation is difficult as
the standard assumptions of Navier-Stokes equations do not apply at sub-
micrometer scales, while the computational times of applicable molecular-
dynamics codes become exorbitant (Roy et al., 2003). Based on the slip flow
theory, some applicable extensions to the conventional equations will be in-
troduced to characterize the flow through catalytic membranes in both slip
flow and transition regime.
4.2.2 Pressure Drop in Catalytic Membrane Reactors
The pressure drop caused by fluid flow through a reactor is commonly cal-
culated by the following equation:
∆p = ξ ρu
2
2
L
d
(4.25)
For laminar flow in circular pipes the friction factor ξ is a function of the
Reynolds number ξ = 64/Re, yielding the Hagen-Poiseuille equation. With
an average pressure in the pore of pav = 0.5 · (pfeed + ppermeate) and assuming
ideal gas behavior, the corresponding flow rate through the circular pipe
amounts to
n˙p =
pid4pav
128ηRTL∆p. (4.26)
In the slip flow regime, convection is superimposed by a net flow resulting
from Knudsen diffusion, leading to an increased total flow for equal pressure
drop compared to continuum theory or a reduced pressure drop for equal
flow, respectively. This reduced pressure drop is coherent with a reduced wall
friction due to wall slip. The difference can be accounted for by a correction
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factor, being a function of the Knudsen number and allowing for the use
of the conventional flow equations. This correction is calculated from the
Navier-Stokes equations with slip flow boundary conditions and accurately
predicts the pressure drop for gas flow in microchannels at low Reynolds
numbers (Papautsky et al., 2001).
Karniadakis et al. (2005) propose a unified model for pipe flow which is
valid for the whole Knudsen regime. The resulting effective flow rate n˙eff
can be given as a correction factor to the one obtained for continuum flow
n˙cont. For the different flow regimes molecular, transition and slip flow the
following equations apply:
n˙mol
n˙cont
= 1 + 5.5Kn, (4.27)
n˙trans
n˙cont
= 1 + 5Kn, (4.28)
n˙slip
n˙cont
= 1 + 4Kn. (4.29)
In all cases Kn represents the Knudsen number at the average absolute pres-
sure in the channel pav.
Knudsen and laminar contributions
The permeance of a membrane made up of isoporous circular channels can
be calculated for a continuum of fluid from Equation 4.26 by multiplication
with the total number of pores
Ntot =
4Amem
pid2p
. (4.30)
Additionally the tortuosity factor τ can be introduced, as the ratio between
the real distance covered by a molecule passing the membrane and the mem-
brane thickness, allowing for deviations from linear channel geometry. The
laminar contribution to the permeance finally becomes
n˙mem
Amem∆p
= 
τ
d2
32ηRTLpav. (4.31)
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Accounting for rarefaction effects with the Knudsen correction for slip flow
regime (Equation 4.29) yields two contributions to the total permeance
Ptot = Plaminar + PKnudsen, (4.32)
Plaminar =

τ
d2
32ηRTLpav, (4.33)
PKnudsen =

τ
4λd
32ηRTLpav. (4.34)
According to kinetic gas theory, the ratio between mean free path and vis-
cosity is a function of pressure p, temperature T and molar weight M (Bird
et al., 2001):
λ
η
= 3
p
√
piRT
8M . (4.35)
This ratio is inversely proportional to the absolute pressure, resulting in an
independence of pressure for the Knudsen contribution to the total perme-
ance (Equation 4.34). The Chapman-Enskog correlation used in some publi-
cations (Roy et al., 2003) produces the same proportionality with somewhat
different numbers. As is the case with the mean free path, the definition of
the viscosity is based on the continuum hypothesis, thus its validity may be
questionable in the slip flow and transition regime (Sabry, 2000). Assuming
the same relationship towards the channel diameter for both parameters, the
ratio given in Equation 4.35 remains constant. Combining Equation 4.35
with a Knudsen correction factor of 9 yields the numerical values used by
Lin and Burggraaf (1991), which are also applied for the permeance method
in the work at hand (Equation 3.2).
Comparison of Membrane Reactor Structures
The structural difference between anodized and sintered alumina membranes
is illustrated in Section 3.1. For non-catalytic sintered membranes a tortu-
osity of τ ≈ 2 has been determined, whereas for anodized membranes SEM
images confirm the existence of straight channels with a tortuosity of τ ≈ 1.
Assuming an equivalent model of straight circular channels with the length
of membrane thickness multiplied by tortuosity, the tortuosity can be incor-
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porated into the friction factor ξ, yielding
ξ = τ · 64
Re
. (4.36)
The resulting pressure drop for flowing through a sintered membrane is twice
as high as that of an anodized membrane of the same porosity, pore diameter
and thickness. However, the mean hydrodynamic residence time inside the
catalytic pores is equal, as it only depends on flow rate and porosity.
As a different approach, a sintered membrane can be regarded as fixed
bed reactor made up of small particles in the scale of the resulting pore
sizes. For a fixed bed of spherical particles, the following relationship between
particle size and hydraulic diameter of an equivalent circular channel can be
calculated:
dpart =
3
2
(1− )2

dhyd. (4.37)
For estimation of the pressure drop in a fixed bed reactor, the so-called Ergun
equation is frequently used (Baerns et al., 1999). In the common connotation
it refers to particle diameter and superficial velocity of the empty tube. Using
channel diameter and channel velocity instead, the following friction factor
can be determined, corresponding to Equation 4.25:
ξ = 43(1− )
(
1.75 + 100
Re(1− )
)
. (4.38)
For low Reynolds numbers the term 1.75 is negligible. The main difference
between the two equations is that Equation 4.36 uses the tortuosity τ to
account for non-ideal geometry, whereas Equation 4.38 is only a function of
the porosity . The resulting pressure drop is equal for the case
τequivalent ≈ 2(1− )2 . (4.39)
For a porosity of  = 0.4 the equivalent tortuosity is τequivalent = 5.56, which
means that in case of the real tortuosity of τ ≈ 2, the Ergun equation predicts
an almost three times higher pressure drop than Equation 4.36.
Neither correlation takes into account rarefaction effects, which can be
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incorporated using the appropriate Knudsen correction. Combining Equa-
tion 4.36 for pressure drop and tortuosity with Equation 4.28 for the Knudsen
correction in transition regime yields a correlation that properly predicts the
pressure drop caused by flowing through an anodized membrane for a tortu-
osity of τ = 1 and that of the applied sintered membranes for τ = 2:
∆p = 64
Re
L
d
ρu2
2
τ
(1 + 5Kn) =
32ηuL
d2
τ
(1 + 5Kn) . (4.40)
For small pore diameters in catalytic membrane reactors, the pressure drop
can be a limiting factor. Comparison of differently structured membranes re-
sults in an increased reactor efficiency for the anodized membranes compared
to the sintered membranes by a factor of τ .
4.2.3 Dispersion in Transition Regime
As mentioned in Section 4.1.2, axial dispersion in microchannels is exclu-
sively based on axial diffusion, meaning that radial velocity profiles in the
microchannels do not affect the axial dispersion coefficient. If the membrane
reactor is operated at low pressures, that is in the transition or slip flow
regime, the molecular diffusion is superimposed by Knudsen diffusion (Sec-
tion 4.2.2). The resulting effective diffusion coefficient is a combination of
the molecular diffusion coefficient and the Knudsen diffusion coefficient:
Dmol =
1
3 u¯λ, (4.41)
DKn =
1
3 u¯d =
Dmol
Kn
, (4.42)
Deff =
1
1/Dmol + 1/DKn
= Dmol1 +Kn. (4.43)
Figure 4.6 shows the effective diffusion coefficient of nitrogen at room
temperature in microchannels with a diameter of 0.2µm as a function of
the absolute pressure. For p ≥ 106 Pa, corresponding to Kn = 0.03 the
influence of Knudsen diffusion can be neglected, whereas for p ≤ 103 Pa,
corresponding to Kn = 32, diffusion is completely dominated by Knudsen
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Figure 4.6: Deff for nitrogen in 0.2µm microchannels at room temperature
diffusion. At ambient pressure (Kn = 0.3) the effective diffusion coefficient
deviates from the molecular diffusion coefficient by almost 25 %, leading to
an increase of Bo by 32 % for the same flow-through velocity compared to
axial dispersion caused by molecular diffusion only.
In addition, rarefaction effects at increased Knudsen numbers also reduce
the pressure drop across the membrane according to Equation 4.40. Both
effects improve the reactor behavior in terms of the achievable Bodenstein
number as a function of the transmembrane pressure drop in the slip flow
and transition regime. Figure 4.7 shows the dependence between Bo and
transmembrane pressure drop in microchannels with a length of L = 60µm
and a diameter of d = 0.2µm at room temperature.
In Figure 4.7(a), the influence of rarefaction effects is demonstrated for
nitrogen with ambient pressure on the permeate side, comparing the achiev-
able Bodenstein numbers with those for the model liquid water, which shows
no rarefaction effects. For low pressure drops (∆p < 0.5 · 105 Pa) rarefac-
tion increases Bo by a factor of 2 and more, nevertheless the resulting Bo is
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Figure 4.7: Relationship between Bodenstein number and transmembrane pres-
sure drop for L = 60µm and d = 0.2µm at room temperature
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smaller than 1, corresponding to a rather wide residence time distribution.
To achieve higher values of Bo > 10, a pressure drop of ∆p > 4 · 105 Pa is re-
quired, corresponding to a feed pressure of pfeed > 5 · 105 Pa. In this range the
influence of rarefaction is significantly lower. The figure also demonstrates
that for liquid reactants the influence of axial dispersion can be reduced much
easier, producing almost ideal plug flow behavior with Bo > 100 already for
a pressure drop as low as ∆p = 0.6 · 105 Pa.
Figure 4.7(b) shows that the influence of axial dispersion for gas phase
reactions can most easily be reduced by increasing the absolute pressure.
As described above, for a permeate pressure of ppermeate = 1 · 105 Pa a feed
pressure of pfeed > 5 · 105 Pa is required to achieve Bo > 10. For a permeate
pressure of ppermeate = 20 · 105 Pa instead the required feed pressure is only
slightly higher with pfeed = 21 · 105 Pa.
Summarizing the above, to reduce the influence of axial dispersion, either
the flow-through velocity or the absolute pressure have to be increased. At
low pressures, rarefaction effects have a positive influence, but the achievable
Bodenstein number is low. Increasing the velocity quickly leads to prohibitive
transmembrane pressure drops. Reasonable values of Bo can only be realized
for higher absolute pressures, where rarefaction is negligible.
4.3 Conclusions
The residence time distribution provides important information about the
hydrodynamic behavior of a reactor. As a direct measurement of the RTD is
hardly possible for the investigated reactor concept, a reactor model is cre-
ated, which allows for calculation of the RTD taking into account deviations
from an ideal plug flow reactor caused by pore size distribution and axial
dispersion.
The influence of the pore size distribution is demonstrated by treating a
number of pore size classes as parallel plug flow reactors. The total flow is
distributed into the pores of different sizes in such a way that the pressure
drop in all pores will be equal. Due to a dependence of the flow per pore
on the fourth power of the pore diameter, even smaller deviations from the
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mean pore size are amplified resulting in a relatively wide RTD, which is
nevertheless far from CSTR behavior. Flowing through several membranes
in sequence reduces the width of the RTD at the cost of increased pressure
drop.
The influence of axial dispersion in a single pore is calculated by means
of the dimensionless Bodenstein number Bo = uL/Dax. The width of the
resulting RTD strongly depends on axial velocity and absolute pressure.
Both influences can be combined into an effective dispersion model with
the single parameter Boeff . Boeff is a function of the Bodenstein number
of the reference pore size Boref , which takes into account axial flow veloc-
ity, reactor length and molecular diffusion coefficient, and of the equivalent
Bodenstein number BoPSD, characterizing the pore size distribution without
axial diffusion.
For strong dispersion caused by low axial velocities and absolute pres-
sures, the influence of the pore size distribution is negligible. Increasing
velocity and/or pressure reduces the axial dispersion, resulting in a narrower
RTD. At the same time the influence of the pore size distribution grows,
limiting the minimum achievable effective dispersion. For the given pore size
distribution a limit of BoPSD = 58.6 is determined. A reasonable point of op-
eration can be achieved for Boref = Bomax = 58.6 with a resulting Boeff = 29.3.
For an absolute pressure of p = 106 Pa the required axial velocity in the refer-
ence pore amounts to uref = 1 m/s, causing a pressure drop of approximately
∆p = 5 · 105 Pa.
Due to the small dimensions of the pore channels, microeffects may play
a significant role. The pressure drop caused by flowing through a catalytic
membrane can be calculated using the established Hagen-Poiseuille corre-
lation with correction factor taking into account tortuosity and rarefaction
effects. Especially at low absolute pressures, the pressure drop is reduced
compared to continuum theory. Comparing a sintered and an anodized mem-
brane, the pressure drop in the sintered membrane is higher due to the pro-
nounced tortuosity.
Axial dispersion is also influenced by rarefaction for gas flows at pressures
below 106 Pa. Higher Knudsen numbers exert a positive effect on the Boden-
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stein number compared to continuum theory, but cannot compensate for the
high diffusivity present at low pressures. Thus, if the reactor is operated at
higher pressure or even in liquid phase, much higher Bodenstein numbers
can be reached at equal pressure drop. As described above, the reduction of
dispersion to reach a possibly narrow residence time distribution is limited
by the pore size distribution of the membrane.
Chapter 5
Reactor Performance
Conversion, selectivity and temperature profiles in the membrane reactor
under different operating conditions can be predicted by means of suitable
reactor models. Reaction kinetics of the applied hydrogenation reactions are
determined by fitting kinetic parameters of power rate laws to experimental
results obtained with the membrane reactor setup, assuming ideal PFTR be-
havior. For assessment of catalytic activity and heat transfer, the unselective
ethene hydrogenation is performed. The partial hydrogenation of ethyne to
ethene with the undesired by-product ethane is applied as indirect verifica-
tion of the shape of the residence time distribution in the catalytic membrane
reactor. The performance of the membrane microchannel reactor is experi-
mentally compared to that of a randomly structured membrane reactor and
to equivalent fixed beds of ground catalytic membranes.
5.1 Reaction Kinetics
Available literature covering reaction kinetics for ethyne or ethene hydro-
genation has been discussed in Subsection 3.3.1, leading to the decision to
discard a detailed kinetic analysis based on the assumed heterogeneous re-
action mechanism in favor of a simple formal kinetic approach with validity
only within the range of performed experiments. Thus, a general power
rate law is applied with an Arrhenius approach to account for the tempera-
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ture dependence of the rate constants. The reaction volume of the catalytic
membrane reactor is limited to the volume of accessible pores. Due to the
small dimensions the reaction is considered quasi-homogeneous, assuming
equal catalyst loading in each pore (Adler, 2000). If operated in a regime
with low effective dispersion (Section 4.1.3), the simplifying assumption of
an isoporous plug-flow reactor is justifiable. For reasons of model simplici-
ty, constant axial velocity and temperature are assumed. As the number of
moles is reduced during the reaction, the assumption of constant velocity is
a strong simplification for low dilution and high conversions. Also at high
ratios of transmembrane pressure drop to absolute pressure, the axial veloc-
ity varies significantly. But if the reaction is performed at increased pressure
and dilution or with low conversions, the error is negligible. The assumption
of an isothermal reactor is justified if the permeate temperature rather than
the feed temperature is applied as reactor temperature, as will be explained
in Section 5.2.
5.1.1 Ethene Hydrogenation
Details of the hydrogenation of ethene to ethane catalyzed by palladium are
discussed in Subsection 3.3.1. All experiments are carried out with stoi-
chiometric feed of the reactants ethene and hydrogen, with the result that
their concentrations are equal at all times. This procedure does not allow
for exact determination of the reaction kinetics, but it reduces the num-
ber of kinetic parameters compared to Equation 3.9 as the two individual
reaction orders can be replaced by a total reaction order. Applying an Ar-
rhenius expression for temperature dependence, a three parameter kinetic
rate law is supposed. The kinetic parameters are determined by applying
an ideal isoporous PFTR reactor model with varying reactant concentra-
tions. The isobaric and isothermal differential material balance is solved
applying the MATLAB-solver ode45 for ordinary differential equations. The
model parameters are fit to experimentally measured conversions using a
least squares method (Equations 5.1 to 5.4). The corresponding experiments
are performed applying an anodized catalytic membrane with available cat-
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Table 5.1: Ethene hydrogenation kinetics: Reaction conditions and measured
conversions compared to model predictions
xC2H4 Qtot QC2H4 pfeed T Xexp Xsim
[lN/min] [lN/min] [105 Pa] [K]
0.50 0.80 0.40 1.00 572 0.77 0.80
0.50 1.50 0.75 1.03 537 0.67 0.67
0.50 2.50 1.25 1.09 477 0.51 0.54
0.40 1.00 0.40 1.02 531 0.71 0.71
0.40 1.88 0.75 1.06 505 0.60 0.57
0.40 3.13 1.25 1.15 454 0.47 0.46
0.33 1.20 0.40 1.04 481 0.62 0.63
0.33 2.25 0.75 1.11 466 0.52 0.49
0.33 3.75 1.25 1.24 429 0.41 0.40
0.29 1.40 0.40 1.06 447 0.55 0.56
0.29 2.63 0.75 1.16 433 0.45 0.43
0.29 4.38 1.25 1.34 410 0.34 0.36
alyst mass of 0.14 mg to a stoichiometric feed of reactants. The operating
conditions in combination with the observed and the simulated conversions
are given in Table 5.1.
rC2H4 = −k∞ exp(−EA/RT ) pnC2H4 (5.1)
n = 1.8 (5.2)
k∞ = 3.75 · 104 mol/(kgcat s barn)
= 3.75 · 10−5 mol/(kgcat s Pan) (5.3)
EA = 2 001 J/mol. (5.4)
The best agreement between experiment and model is reached for a re-
action order of n = 1.8 (Figure 5.1), which is much larger than the value of
1.45− 0.85 = 0.6 reported in Equation 3.9.
The determined temperature dependence is rather low with an activation
energy of EA = 2 001 J/mol. Compared to the reaction kinetics given in
Equation 3.9 with a corresponding value of EA = 40 600 J/mol, determined
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Figure 5.1: Experimental and calculated conversions for ethene hydrogenation
with stoichiometric feed of reactants. The numbers represent the
standard flow rate of ethene, with the arrows pointing in direction
of increasing N2 dilution
for higher dilutions and at lower temperatures, the temperature influence is
much less significant. This allows for the assumption that under the applied
conditions not the reaction step itself but rather the adsorption and desorp-
tion steps limit the reaction kinetics, calling for application of a Langmuir-
Hinshelwood type approach, if reaction kinetics with validity for a wider
range of parameters are required. This mechanistic approach implies addi-
tional parameters such as sorption constants with a temperature dependence
of their own, which may even lead to decreasing reaction rates at increasing
temperatures. For the sake of simplicity, the power law approach is favored
at this point, bearing in mind its limited validity beyond the conditions of
the performed experiments.
The resulting reaction rates for the applied experimental conditions ob-
tained with the determined power rate law are several orders of magnitude
higher than those obtained hypothetically with the rate law given in Equa-
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tion 3.9. However, as the experimental conditions are not comparable and the
power law kinetics are only valid in a small region of operating parameters,
this result is no conclusive evidence regarding increased catalytic activity.
5.1.2 Ethyne Hydrogenation
The selective hydrogenation of ethyne to ethene with the undesired by-
product ethane catalyzed by palladium is discussed in Subsection 3.3.1.
At stoichiometric feed of reactants and low excess factors of hydrogen, an
oligomerization reaction generates C4+ components, which can plug the mem-
brane pores by forming a liquid film with high capillary pressure, frequently
called "green oil". This undesired side reaction is avoided by performing the
reactions with a large excess of hydrogen and nitrogen dilution. To reduce the
large number of kinetic parameters, the reactions are performed at a constant
permeate temperature of Tperm = 443 K. For constant reactor pressure, the
large excess of hydrogen would allow for treating the hydrogen concentration
as constant, further reducing the number of rate parameters. But as pressure
has been identified as an important parameter regarding axial dispersion, all
four exponents of the kinetic approach specified in Equations 3.12 and 3.13
remain to be quantified.
Kinetic experiments are performed applying a catalytic membrane with
an available catalyst mass of mcat = 1.35 · 10−7 kg to a reactant mixture with
a molar reactant ratio of C2H2 : H2 : N2 = 1 : 10 : 19. Reactor pressure
and total flow rate are varied according to Table 5.2. Once again, an iso-
porous ideal plug flow reactor model is applied. The isobaric and isothermal
differential material balance is solved applying the MATLAB-solver ode45
for ordinary differential equations. The six corresponding kinetic parameters
(Equations 5.5 and 5.6) are determined by a least squares method fitting
their values to the experimentally measured conversions and selectivities as
displayed in Figure 5.2.
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Table 5.2: Ethyne hydrogenation kinetics for T = 443K with a molar reactant
ratio of C2H2 : H2 : N2 = 1 : 10 : 19. Reaction conditions, measured
conversions and selectivities compared to model predictions
xC2H2 Qtot pr T Xexp Xsim Sexp Ssim
[lN/min] [105 Pa] [K]
0.033 0.9 1.99 442.0 0.89 0.88 0.10 0.06
0.033 1.8 1.98 442.5 0.86 0.84 0.15 0.10
0.033 3.6 1.99 442.2 0.75 0.78 0.16 0.15
0.033 5.4 2.01 443.7 0.69 0.73 0.19 0.20
0.033 7.2 1.97 442.3 0.72 0.69 0.25 0.25
0.033 9.0 1.99 444.9 0.66 0.66 0.28 0.28
0.033 9.0 2.00 442.0 0.66 0.66 0.27 0.29
0.033 0.9 4.02 444.0 0.91 0.91 0.07 0.04
0.033 1.8 4.01 443.6 0.88 0.87 0.08 0.05
0.033 3.6 4.01 442.3 0.79 0.82 0.09 0.08
0.033 5.4 4.02 444.0 0.76 0.79 0.10 0.11
0.033 7.2 3.96 444.0 0.84 0.76 0.09 0.13
0.033 0.9 5.03 443.0 0.91 0.91 0.06 0.03
0.033 1.8 4.99 442.7 0.89 0.88 0.07 0.04
0.033 3.6 4.99 442.3 0.79 0.84 0.07 0.07
0.033 5.4 4.98 443.9 0.78 0.80 0.08 0.09
0.033 7.2 4.99 444.6 0.81 0.78 0.08 0.11
rC2H2 = −k1 pm1C2H2 pn1H2 (5.5)
m1 = 3.3
n1 = −2.6
k1(443 K) = 5.532 · 103 mol/(kgcat s Pam1+n1),
rC2H6 = k2 pm2C2H4 p
n2
H2 (5.6)
m2 = 2.8
n2 = −1.1
k2(443 K) = 0.1478 mol/(kgcat s Pam2+n2).
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Figure 5.2: Experimental and calculated conversions and selectivities for ethyne
hydrogenation at T = 443K with a molar reactant ratio of
C2H2 : H2 : N2 = 1 : 10 : 19
For the hydrogenation of ethyne to ethene a total reaction order of 0.7
is obtained, whereas the reaction order of the consecutive hydrogenation to
ethane of 1.7 closely corresponds to the one determined in Subsection 5.1.1.
As the reaction order of the partial hydrogenation is smaller than the re-
action order of the consecutive reaction, increasing pressure reduces the re-
action selectivity. In both partial reactions, the reaction order of hydrogen
is negative, which means that the reaction is inhibited by high H2 concen-
trations. This effect is especially pronounced for the partial hydrogenation
reaction and also explains the overall low selectivities obtained under large
excess of hydrogen. The negative exponents for hydrogen partial pressures
determined for the applied power rate law indicate that sorption mechanisms
play an important role in this heterogeneous reaction network, calling for a
Langmuir-Hinshelwood type approach, if validity in a wider range of operat-
ing conditions is required.
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Figure 5.3: Ethyne hydrogenation conversion and selectivity as a function of
reactor temperature for two operating points (p = 1.1 · 105 Pa,
QC2H2 = 0.1 lN/min)
Experiment 1 (squares): C2H2 : H2 : N2 = 1 : 4 : 16
Experiment 2 (circles): C2H2 : H2 : N2 = 1 : 8 : 21
Compared to the kinetic rates obtained by Bos and Westerterp (1993)
given in Equation 3.10, a completely different pressure dependence of selec-
tivity is determined. Bos and Westerterp observe a higher total reaction
order for the partial hydrogenation reaction, predicting a selectivity increase
at higher pressures. In both investigations the reaction order of hydrogen is
higher for the consecutive reaction, resulting in a reduction of selectivity for
increasing excess of hydrogen.
The reaction selectivity is proportional to the ratio of the kinetic rate
constants of desired and undesired reaction. If the activation energies of
the two reactions are different, the selectivity changes with temperature.
Experiments performed with constant pressure and molar flow rates under
variation of reactor temperature yield an at first sight surprising result: Both
conversion and selectivity decrease when the reactor temperature increases
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(Figure 5.3).
A feasible explanation for the decrease of conversion is the temperature
dependence of the sorption isotherms. If the reaction rate is limited by the
coverage of the catalytically active surface, increasing temperature reduces
the coverage and thus the overall reaction rate, even though the reaction
itself is accelerated. Simultaneous increase of selectivity and conversion is
only possible if the kinetics change. As the temperature dependence of the
undesired reaction is stronger than that of the desired reaction, selectivity
decreases with increasing temperatures.
Comparable to the reaction kinetics determined for ethene hydrogenation
(Subsection 5.1.1), the temperature dependence observed for both partial
reactions is rather low, especially if compared to the pronounced pressure
dependence.
5.2 Heat Transfer in Catalytic Membrane
In the previous section a constant temperature of reactor and reactants has
been assumed, simplifying the determination of kinetic parameters. This
assumption is not self-evident taking into account the strongly exothermal
reactions and the temperature difference between feed and permeate. For
the investigated hydrogenation reactions the adiabatic temperature rise
∆Tad =
xHC · (−∆HR,HC)
cp
(5.7)
can easily exceed 1000 K if operated at low dilution ratios.
Microstructured reactors outstand for their superior heat and mass trans-
fer properties compared to conventional reactors. Heat transfer across an
interface of gas and wall Q˙trans is proportional to the temperature difference
Tgas − Twall, the surface area of the interface Atransfer and a heat transfer
coefficient h according to
Q˙trans = h ·Atransfer · (Tgas − Twall) . (5.8)
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Heat generation by chemical reaction on the other hand is proportional to the
reactor volume or in case of heterogeneous reactions to the amount of cata-
lyst. By reducing the diameter of a channel, the ratio between channel surface
and volume increases, leading to improved heat transfer. However, even more
important is another effect: For a constant Nusselt number, describing the
ratio between heat transfer and heat conduction, the heat transfer coefficient
h is inversely proportional to the channel diameter d, leading to extremely
high heat transfer coefficients in microstructured reactors. Additionally the
laminar flow profile in microchannels can be neglected, assuming plug flow as
reactor model, because strong diffusive radial mixing efficiently counteracts
concentration or temperature profiles (Knösche, 2005).
Regarding the anodized membrane geometry, the nano-scale porous struc-
ture promises highly efficient heat transfer between gas and pore walls. On
the other hand, the limited external surface area of the almost two-dimensio-
nal flat sheet membrane does not allow for heat removal in radial direction.
On the feed side, the membrane can be regarded exclusively in contact with
the feed gas, on the permeate side, heat can be transferred to the porous
metal support and further to the external surface of the reactor module.
This section aims at determining an axial temperature profile along the
membrane reactor and corresponding heat transfer coefficients by combining
experimental measurements with a non-isothermal reactor model, in order
to analyze and predict reactor temperatures under given conditions. As only
heat generation caused by the chemical reaction is of interest, all measure-
ments are performed with the hydrogenation of ethene as model reaction as
described in Section 5.1 and with equal catalyst loading.
5.2.1 Isoporous PFTR Model with Heat Transfer
Assuming identical pores, the investigated model system can be reduced to a
single pore and the surrounding pore wall, with symmetry in radial direction.
For small concentration gradients inside the pore in radial direction due to
intensive radial mixing, a quasi-homogeneous reaction with plug flow can
be assumed (Xu and Platzer, 2001). The plug flow assumption reduces the
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complexity to a single dimension, in which gas temperature, wall temperature
and gas composition will be treated as separate variables. Pressure drop is
neglected and fluid properties are assumed to be constant along the reactor.
Especially for high axial velocities, low absolute pressures, low dilution and
high conversion, this is a major simplification, as strong pressure and velocity
gradients may arise. Nevertheless neglecting these parameters allows to focus
on heat transfer processes and should lead to at least qualitatively useful
correlations.
Material Balance
A steady state differential material balance of ethene yields
dXC2H4
dZ
= − rC2H4
xC2H4,feed
= mcat
n˙tot
k · pn ·x(n−1)C2H4,feed · (1−XC2H4)n. (5.9)
This equation implies the conversion of ethene XC2H4 with the simplification
XC2H4 = 1−
n˙C2H4
n˙C2H4,feed
≈ 1− xC2H4
xC2H4,feed
. (5.10)
The reaction kinetics according to Equation 5.1 are transformed to a dimen-
sionless term, assuming constant pressure and molar flow rate
rC2H4 = −
mcat
n˙tot
k · (pC2H4,feed (1−XC2H4))n . (5.11)
Catalyst mass and molar flow rate can be calculated either for a single pore
or for the whole membrane.
Gas Phase Energy Balance
To determine axial profiles of gas and pore wall temperature, two separate
energy balances are applied, which are coupled by the heat transfer term
between gas and pore wall. In both balances all radial profiles are neglected.
A steady state differential energy balance for a volume element A · dz takes
into account convective heat transfer Q˙conv into and out of the control volume,
heat conduction Q˙cond in and against flow direction, heat transfer between
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gas and pore wall Q˙trans and heat generation by chemical reaction Q˙react. The
effective axial heat conduction incorporates all axial mixing processes (Stief
et al., 1998).
− ∂Q˙conv
∂z
dz − ∂Q˙cond
∂z
dz − Q˙trans + Q˙react = 0 (5.12)
The single terms can be calculated as follows:
Q˙conv = n˙tot · cp ·T, (5.13)
Q˙cond = −A · kgas · ∂Tgas
∂z
, (5.14)
Q˙trans = h · (Tgas − Twall) · pid · dz, (5.15)
Q˙react = ∆HR · n˙tot · ∂xC2H4
∂z
· dz. (5.16)
Introducing dimensionless length Z = z/L and temperature Θ = T/T0 as
well as ethene conversion according to Equation 5.10, several parameters can
be cropped, forming dimensionless quantities: The Nusselt number
Nu = h · pidL
2
A · kgas (5.17)
describes the ratio between heat transfer and heat conduction in the gas
phase. It is important to note, that heat transfer is proportional to the pore
wall surface pidL, whereas heat conduction is proportional to the cross-section
area of the pore A = pi/4 d2. The Péclet number
Pe = n˙ · cp ·L
A · kgas (5.18)
characterizes the ratio between heat convection and heat conduction in the
gas phase. The dimensionless adiabatic temperature difference
∆Θad = −∆HR ·xC2H4,feed
cp ·T0 (5.19)
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Figure 5.4: Axial membrane cross-section with pore area A and allocated wall
area Awall
is normalized to the reference temperature T0. The energy balance for the
gas phase results as:
d2Θgas
dZ2
= Pe · dΘgas
dZ
+Nu · (Θgas −Θwall)− Pe ·∆Θad · dXC2H4
dZ
. (5.20)
Pore Wall Energy Balance
The accessible membrane area Amem can be subdivided into total pore area
Amem,pore and total wall area Amem,wall according to the porosity :
Amem = Amem,pore + Amem,wall =  ·Amem + (1− ) ·Amem. (5.21)
The cross-sectional area of wall material Awall of a single pore, characteris-
tic for heat conduction is calculated by allocating the same amount of wall
material to each pore according to
Awall =
1− 

·A, (5.22)
assuming identical heat transfer characteristics in each pore and thus no
radial heat transfer between the walls of the different pores (Figure 5.4).
The steady state differential energy balance for a volume element of the
pore wall Awall · dz takes into account heat conduction Q˙cond in and against
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flow direction and heat transfer between gas and pore wall Q˙trans:
− ∂Q˙cond
∂z
dz + Q˙trans = 0. (5.23)
Note that in contrast to the gas phase energy balance, the heat transfer is
declared as positive. The single terms can be calculated as follows:
Q˙cond = −1− 

·A · kwall · ∂Twall
∂z
(5.24)
Q˙trans = h · (Tgas − Twall) · pid · dz. (5.25)
Again, a dimensionless quantity can be introduced. The Biot number
Bi = 1− 
h ·pidL2
A · kwall (5.26)
characterizes the ratio between heat transfer and heat conduction in the pore
wall. Heat transfer is proportional to the pore wall surface pidL, whereas heat
conduction is proportional to the allocated cross-section area of the pore wall
Awall as described in Equation 5.22.
The energy balance for the pore wall results as:
d2Θwall
dZ2
= −Bi · (Θgas −Θwall) . (5.27)
Boundary Conditions
The reactor model consists of the three coupled differential equations 5.9,
5.20 and 5.27 with the variables XC2H4 , Θgas and Θwall. The energy balances
are second order differential equations and the material balance is of first
order. This leads to a boundary value problem, requiring five boundary
conditions.
The boundary condition for the material balance is rather simple, as the
conversion of ethene is assumed to be zero at the pore entrance due to neglect
of axial dispersion
XC2H4(Z = 0) = 0. (5.28)
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Energy balances at the pore entrance for both gas phase and pore wall
lead to the well-known boundary conditions proposed by Danckwerts (1953)
Θgas(Z = 0) = 1 +
1
Pe
· dΘgas
dZ
(Z = 0), (5.29)
Θwall(Z = 0) = 1 +
1
Bi0
· dΘwall
dZ
(Z = 0). (5.30)
They allow for a temperature step between feed temperature T0 and gas and
wall temperatures at Z = 0. As the feed temperature is chosen as reference
temperature, the dimensionless feed temperature Θfeed = 1 appears in the
boundary conditions.
For the pore wall energy balance, the Danckwerts boundary condition
results from the consideration of axial heat transfer from the membrane and
should not be confused with a convective term. A Biot number for the pore
entrance
Bi0 =
h0 ·L
kwall
(5.31)
appears as additional dimensionless quantity, which differs from the Biot
number defined in Equation 5.26 not only by the characteristic length, but
also by the heat transfer coefficient h0, as the heat transfer characteristics
are different inside a channel and at the front face of the channel.
Boundary conditions 4 and 5 define the heat transfer behavior at the pore
exit. Two different models are discussed at this stage. As a first assumption,
temperature steps similar to those at the entrance are also allowed at the
exit. This assumption is feasible, if the catalytic membrane is cooled from
the exit side. The corresponding boundary conditions completing model 1
are
Θgas(Z = 1) = Θpermeate − 1
Pe
· dΘgas
dZ
(Z = 1), (5.32)
Θwall(Z = 1) = Θpermeate − 1
Bi1
· dΘwall
dZ
(Z = 1). (5.33)
The Biot number at the pore exit Bi1 is defined correspondingly to Equa-
tion 5.31. It has to be noted, that the dimensionless permeate temperature
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Θpermeate is not known if the model is predictive.
If the gas and wall temperature at the pore exit are close to the permeate
temperature, heat conduction as well as heat transfer from the pore wall to
the reactor module can be neglected. In this case, the temperature gradients
at Z = 1 turn to zero, yielding the classical Danckwerts boundary conditions
also at the exit, completing model 2:
dΘgas
dZ
(Z = 1) = 0, (5.34)
dΘwall
dZ
(Z = 1) = 0. (5.35)
This assumption is a severe simplification, especially if the catalytic mem-
brane is actively cooled. The two models differ in the temperature gradients
allowed at the exit. Nevertheless, both of them are suitable to describe
the reactor behavior under the applied experimental conditions, as will be
demonstrated for model 2. They even produce identical temperature pro-
files. Thus, in the following, only the results of model 2 will be presented
for reasons of convenience. It does not require knowledge of the permeate
temperature, neither of the additional parameter Bi1, with the result that all
heat removal is attributed to Bi0.
5.2.2 Parameter Study for Heat Transfer Model
The general model derived in Section 5.2.1 allows for different temperature
profiles, depending on the numerical values of the model parameters. The
developed reactor model includes the dimensionless quantities Nu, Pe, and
Bi as parameters, which are functions of material properties and operating
parameters and can thus be calculated in advance. The unknown parameter
Bi0 characterizes the heat removal from the membrane.
As an exemplary result, Figure 5.5 shows the resulting profiles for the
case that all dimensionless parameters are equal to one. This means that the
heat transfer in the pore is equal to the heat transfer on the feed side, to the
heat conduction in the gas phase, to the heat conduction in the pore wall and
to the heat convection. No heat transfer is assumed on the permeate side
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Figure 5.5: Axial profiles of conversion, gas and wall temperature for
Tfeed = 387K, p = 105 Pa, Qtot = 0.8 lN/min and xC2H4 = 0.5
according to Subsection 5.2.1. These conditions do not represent a specific
point of operation of the investigated reactor, but demonstrate the general
profiles and the influence of the single parameters. The conversion is based
on the reaction kinetics determined in Section 5.1 and corresponds to the
conditions of the first experiment in Table 5.1, although the dimensionless
quantities are chosen deliberately.
The dimensionless feed temperature is defined to be Θfeed = 1. The
resulting temperature jump at the reactor inlet to Θgas(Z = 0) = 2.8 (Fig-
ure 5.5) is very pronounced and proportional to the temperature gradient
at the same point according to Equation 5.29. The wall temperature is far
below the gas temperature, but well above the feed temperature. This order
is fixed, because the reaction heat is generated in the gas phase, transferred
to the pore wall and from the feed side of the pore wall to the surrounding
reactor module, following temperature differences. At Z = 1, both tempera-
ture gradients turn to zero, as defined in Equations 5.34 and 5.35. The gas
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temperature increases by 59 % of the adiabatic temperature rise, signifying
that 41 % of the generated heat is removed from the reactor.
In Figure 5.6 the same model is calculated four times, varying only one of
the four parameters Pe,Nu,Bi and Bi0. In each case the respective parameter
is set to 10. For equal catalyst concentration, the conversion is a function of
the total flow rate, which is proportional to Pe. For better comparability this
proportionality is neglected by assuming an adjusted catalyst mass, leading
to comparable conversions and thus comparable heat generation.
The case Nu = 10 signifies that internal heat transfer between gas and
pore walls is intensified compared to heat conduction in the gas. Due to
mutual dependence of the dimensionless quantities, this implies intensified
heat transfer on the feed side and heat conduction in the pore wall compared
to heat convection. Due to the good heat conduction in the solid, a nearly
isothermal profile of the wall temperature is achieved. The intensified heat
transfer in the pore does not allow for large temperature differences between
pore wall and gas phase. The result is a much smaller difference between gas
and wall temperature at a much lower level compared to Figure 5.5. The
gas temperature reaches a maximum short after the reactor inlet, where heat
generation still is high but the influence of heat removal on the feed side has
decreased. 87 % of the generated heat is removed from the reactor.
The case Pe = 10 corresponds to intensified heat convection compared
to heat conduction in the gas phase as well as to internal and external heat
transfer and heat conduction in the pore wall. Only 20 % of the generated
heat is removed from the reactor, leading to very high gas temperatures close
to the adiabatic temperature. The poor conductivities generate pronounced
temperature profiles. For a very short interval at the reactor inlet, the wall
temperature is even slightly higher than the gas temperature due to heat
conduction in the pore wall from the warmer zones in the rest of the reactor.
For Bi = 10, internal heat transfer in the pore is intensified compared to
heat conduction in the pore wall. This implies intensified heat convection
and heat conduction in the gas phase compared to external heat transfer on
the feed side. Similar to the case Nu = 10 the intensive heat transfer in the
pore accounts for small temperature difference between gas and wall. The
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Figure 5.6: Influence of model parameters on axial profiles of conversion, gas and
wall temperature for Tfeed = 387K, p = 105 Pa, Qtot = 0.8 lN/min
and xC2H4 = 0.5; (b) amount of catalyst increased to compensate for
reduced residence time
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heat removal rate on the other hand is much smaller with only 22 % due to
the reduced heat transfer on the feed side. The temperature jump at the
reactor inlet is the most pronounced of all cases.
Finally, Bi0 = 10 signifies that the external heat transfer on the feed side
is intensified compared to heat conduction in the pore wall, as well as to heat
conduction in the gas phase, heat convection and and internal heat transfer.
Nevertheless the heat removal rate is rather low with a value of 52 %, due to
poor internal heat transfer from gas phase to pore wall. The dimensionless
wall temperature at Z = 0 is close to 1, but the difference between gas and
wall temperature is comparable to Figure 5.5.
The discussion demonstrates that for a given system, the parameters
cannot be varied independently. Each of the four dimensionless quantities
significantly influences the temperature profiles. For an assessment of the real
reactor behavior, reasonable ranges for the parameter values are determined.
Heat Transfer Coefficient and Nusselt Number
The heat transfer coefficient h, which appears in the dimensionless quantities
Nu and Bi, represents the proportionality factor for heat transfer between gas
and pore wall. For various conditions it can be calculated by means of Nusselt
correlations. For laminar flow through a circular channel assuming constant
wall temperature, the mean Nusselt number Nud = h · d/kgas is a function of
the factor Re ·Pr · d/L (Gnielinski, 2006). For very low Reynolds numbers
present in sub-micron channel diameters, the factor becomes very small and
the correlation asymptotically reaches the value Nud = 3.66 (Knösche, 2005).
However, for a given Nusselt number the heat transfer coefficient h is in-
versely proportional to the channel diameter. Hence, at small sizes, surpris-
ingly high values are obtained (Sabry, 2000). For the given geometry of the
anodized membrane pores and a thermal conductivity of kgas ≈ 0.03 W/(mK)
the heat transfer coefficient h reaches a value of
h = 3.66 · kgas
d
> 5 · 105 W/(m2K). (5.36)
Owing to the small channel dimension, heat transfer in microchannels is
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much better than in channels of conventional size. For modelling gas mi-
cro heat exchangers, a value of h = 1 000 W/(m2K) is commonly assumed
(Stief et al., 1998), which already represents a rather high value compared to
macrochannels. Recently, values up to 35 000 W/(m2K) are reported for mi-
cro heat exchangers (Stankiewicz, 2004). With pore diameters smaller than
one micrometer, it seems quite probable, that heat transfer coefficients even
exceed these values as calculated in Equation 5.36.
It has to be noted that for laminar flow in small channels, correct Nusselt
numbers are generally smaller than those calculated applying normal size
relations (Sabry, 2000). The deviation increases with smaller channels, with
a stronger dependence for liquids than for gases. For the Nusselt number Nu
defined in Equation 5.17, the characteristic length is different from the one
used in Nud. With a length to diameter ratio of L/d = 300 as present in the
pore channels of the applied anodized membranes, applying the macroscale
relation (Equation 5.36) results in
Nu = h ·pidL
2
A · kgas = 1.3 · 10
6. (5.37)
Even if this number has to be reduced by several orders of magnitude, any
temperature difference between gas and wall inside the membrane pore would
immediately disappear.
Thermal Conductivity and Biot Numbers
The thermal conductivity of the membrane material kwall is a material prop-
erty and a function of temperature. For sintered Al2O3 at room tempera-
ture, values of kwall = 33 W/(mK) are given, decreasing to 11.4 W/(mK) at
T = 500 ◦C (Munro, 1997). At low material thickness, the thermal conduc-
tivity is reported to decrease. For aluminium oxide thin films with a thickness
of around 0.3µm lower values of 3.3 W/(mK) have been determined (Kato
et al., 2001; Bai et al., 2008), indicating amorphous rather than crystalline
structure.
Axial heat conduction is inversely proportional to the channel length.
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For the small reactor length of L = 60µm the axial heat conduction is
pronounced even for isolating materials. Assuming the high value of kwall =
20 W/(mK) for the anodized alumina membranes at T = 200 ◦C and the heat
transfer coefficient calculated in Equation 5.36, the resulting Biot number is
Bi = 1− 
h · pidL2
A · kwall ≈ 500. (5.38)
Smaller values of kwall lead to a further increase of Bi, whereas a reduced
h proportionally reduces Bi. If the real heat transfer coefficient is smaller
than the one given in Equation 5.36 by a factor of 10, the Biot number is
still larger than 50, corresponding to very intensive heat transfer between gas
and pore wall compared to heat conduction in the wall.
The heat transfer coefficient h0 in Bi0, which characterizes heat transfer
at the feed side of the membrane, is assumably much smaller than the one
for heat transfer in the pores. Even for a high value of h0 = 1 000 W/(m2K),
the Biot number does not exceed a value of
Bi0 =
h0 ·L
kwall
= 3 · 10−3, (5.39)
which signifies that due to the small channel length, heat conduction in the
pore wall is much larger than heat transfer on the feed side.
Flow Rate and Péclet Number
The Péclet number is proportional to the convective heat transport and thus
to the flow rate in the pores. It can be calculated either with the flow rate
through a single pore divided by the cross-sectional area of the pore or with
the total flow rate divided by the open membrane area, producing equal
values. The total standard volumetric flow rates applied in the heat transfer
experiments are varied between Qtot = 1 − 5 lN/min. This corresponds to
molar flow rates of n˙tot = 0.74 · 10−3 − 3.72 · 10−3 mol/s. For a mean molar
heat capacity of cp = 53 J/(molK) and a mean thermal conductivity of
kgas = 0.03 W/(mK) (both valid for ethene at 400 K), the resulting Péclet
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Figure 5.7: Axial profiles of conversion, gas and wall temperature for
Tfeed = 387K, p = 105 Pa, Qtot = 0.8 lN/min and xC2H4 = 0.5 and
parameters determined for the catalytic membrane reactor
number range is
Pe = n˙tot · cp ·L
Amem · kgas = 0.54− 2.68. (5.40)
These values show that heat convection and heat conduction in the fluid are
in the same order of magnitude.
Temperature Profile in the Catalytic Membrane
With the dimensionless quantities determined beforehand for the anodized
catalytic membrane reactor, the resulting profiles of temperatures and con-
version are illustrated in Figure 5.7. The temperatures of gas and wall turn
out to be identical and the reactor can be regarded isothermal.
Parameter variation yields further interesting results: The Stanton num-
ber St (Eq. 5.41) characterizes the ratio between heat transfer in the pore
and heat convection. For values of St > 1 000, gas and wall temperature are
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always in complete agreement and the reactor temperature is constant:
St = Nu
Pe
= h ·Aint
n˙tot · cp
!≥ 1 000 (5.41)
Aint =
4L
d
· Amem, (5.42)
with the internal surface area of the membrane Aint. The correlation implies
that the high value for Nu determined in Equation 5.37 is not mandatory. For
the same Péclet number of Pe = 1 a Nusselt number of Nu = 1 000 is already
sufficient to achieve isothermal behavior. Accordingly, for the determined
value of Nu > 106 the flow rate could be increased by orders of magnitude,
proportionally increasing Pe, without changing the shape of the temperature
profiles.
The second observation concerns the resulting reactor temperature. If
Equation 5.41 is fulfilled, the permeate temperature, which can be measured
experimentally, is equal to both gas and wall temperature along the whole
membrane length. All four dimensionless quantities used in the model in-
fluence the exact value of the reactor temperature, but these influences can
be merged into a single dimensionless quantity, the external Stanton number
St0
St0 =
Nu
Pe
Bi0
Bi
= h0 · (1− )Amem
n˙tot · cp . (5.43)
An integral energy balance of the reactor demonstrates that the parameter
St0 is sufficient to describe the reactor temperature:
n˙totcp(Tfeed − Tperm)− h0(1− )Amem(Twall(0)− Tfeed) + n˙totcp∆TadX(1) = 0,
(5.44)
1−Θpermeate − St0 · (Θwall(0)− 1) + ∆Θad ·X(1) = 0. (5.45)
If isothermal behavior can be assumed (St ≥ 1 000), the inlet wall tem-
perature Θwall(Z = 0) and the permeate temperature Θpermeate are equal
and can be replaced by the reactor temperature Θr. This resulting reactor
temperature is a function of the heat generation term ∆Θad ·X(1) and of
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St0:
Θr = 1 +
∆Θad ·X(1)
1 + St0
. (5.46)
As St ≥ 1 000 is always fulfilled for the anodized catalytic membrane reactor,
the isothermal reactor temperature is only a function of a single unknown pa-
rameter, which can be determined experimentally by measuring temperature
difference and conversion.
With these correlations it is worth to look once more at the temperature
profiles in Figure 5.6. The case Nu = 10 corresponds to St = St0 = 10,
Pe = 10 signifies St = St0 = 0.1, Bi = 10 equals to St = 1, St0 = 0.1
and finally Bi0 = 10 means St = 1, St0 = 10. Thus for neither of the four
cases, Equation 5.41 is fulfilled, leading to non-isothermal profiles. Nu = 10
comes closest, whereas Pe = 10 is far away from this constraint, producing
pronounced temperature profiles. Regarding reactor temperature, Nu = 10
and Bi = 10 demonstrate effective heat removal with St0 = 10, whereas in
the other two cases heat removal is poor with St0 = 0.1, leading to permeate
temperatures close to the adiabatic temperature.
The heat transfer reactor model based on these theoretical considerations
will be validated experimentally in the following subsection with the aim
of determining a correlation for the parameter St0, which would allow for
prediction of reactor temperature and consequently conversion.
5.2.3 Experimental Validation
The unknown parameter St0 characterizes heat removal from the membrane.
If the system complies with the constraint St ≥ 1 000, it can directly be calcu-
lated from measured conversion and temperature difference with no need for
the differential model by means of Equation 5.46, which can be transformed
to:
1 + St0 =
∆Tad ·X
Tpermeate − Tfeed . (5.47)
The twelve experiments performed for determining ethene hydrogenation
kinetics (compare Table 5.1) can now be applied to determine the external
Stanton number from measured conversion and reactor temperature. For
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Table 5.3: Determined St0 values and resulting reactor temperatures for ethene
hydrogenation experiments
xC2H4 Qtot X ∆T X ·∆Tad St0,exp Tr,exp Tr,sim
[lN/min] [K] [K] [K] [K]
0.50 0.80 0.77 185 988 4.34 572 573
0.50 1.50 0.67 161 856 4.33 537 537
0.50 2.50 0.51 99 662 5.70 477 502
0.40 1.00 0.71 155 729 3.72 531 514
0.40 1.88 0.60 132 617 3.68 505 489
0.40 3.13 0.47 87 481 4.55 454 458
0.33 1.20 0.62 104 534 4.12 481 477
0.33 2.25 0.52 96 450 3.71 466 455
0.33 3.75 0.41 65 351 4.38 429 429
0.29 1.40 0.55 72 401 4.57 447 450
0.29 2.63 0.45 66 328 3.95 433 428
0.29 4.38 0.34 49 253 4.15 410 408
St0,fit = 4.33
each experiment an individual St0 can be determined (Table 5.3), which
exactly predicts the measured temperature. The small variation of the indi-
vidually calculated values allows for the conclusion, that for the membrane
reactor setup under the applied operating parameters a constant value will
lead to satisfying results. Using a least squares method, a value of St0 = 4.33
best fits the experimental results. The theoretical reactor temperatures cal-
culated by means of this constant value are also given in Table 5.3. The
simulated reactor temperatures Tr,sim are generally in excellent agreement
with the measured temperatures Tr,exp. In eight out of twelve experiments
the deviation is lower than 5 K. The largest relative error of 5 % is obtained
in the third experiment, which already produced the largest deviation in the
determination of the reaction kinetics, suggesting an experimental error.
A constant value of St0 signifies that heat removal from the reactor is not a
function of the flow rate. For increasing flow rate n˙tot, the heat transfer coef-
ficient h0 on the feed side increases proportionally. For a rather low standard
volume flow rate of Qtot = 1 lN/min the resulting heat transfer coefficient is
h0 = 500 W/(m2K), increasing up to 5 000 W/(m2K) for 10 l/min.
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By means of St0, which is characteristic for the membrane reactor, a
constant heat removal ratio can be specified, defined as the ratio between
heat removed from the reactor and heat generated in the reactor, based on
Equation 5.47:
1− Tpermeate − Tfeed∆Tad ·X =
St0
1 + St0
= 0.81. (5.48)
This heat removal ratio means that 81 % of the heat of reaction is transferred
from the reactor to the surrounding module, whereas 19 % contribute to the
temperature jump at the reactor inlet, i.e. are transported convectively.
The reactor model described in this section is well suited to predict the
temperature profiles of the flow-through membrane reactor. Due to the small
reactor dimensions, isothermal operation will be reached under any operating
conditions. In this case, an integral reactor balance allows for calculation of
the reactor temperature, which is a function of feed temperature, conversion,
adiabatic temperature difference and a constant dimensionless quantity St0,
which accounts for the heat removal from the reactor and is characteristic
for the reactor setup.
Reaction kinetics and consequently the conversion reached in the reactor
are a function of the reactor temperature. The steady state reactor tempera-
ture in turn is a function of conversion, coupled by the adiabatic temperature
rise. As a result, a predictive reactor model has to calculate conversion and
reactor temperature simultaneously. The resulting reactor model does not
require differential energy balances and represents a boundary value prob-
lem, in which the conversion at Z = 1 is coupled to the constant reactor
temperature according to Equation 5.46.
5.3 Reaction Selectivity
The selectivity towards the intermediate product of a sequential reaction
depends on various parameters. The conversions of both partial reactions
are functions of rate constant, partial pressure of the reactants and residence
time. If no product appears in the reactor feed, the initial reaction rate of the
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undesired reaction is 0, leading to an initial selectivity of S = 1. For increas-
ing residence time, the conversion increases, which automatically results in
an increased reaction rate of the undesired reaction, reducing the selectivity.
If the concentration of the second reactant is not limiting and both reactions
can be regarded irreversible, the selectivity towards the desired intermediate
product drops to 0 after sufficient time. For a given conversion, the achiev-
able selectivity is a function of temperature, as the two competing reactions
usually show different temperature dependence. Backmixing of the interme-
diate product always leads to a selectivity reduction. This means that the
selectivity for a given conversion in a flow-through reactor cannot exceed that
of an ideal PFTR without axial dispersion. The width of the residence time
distribution determines the suitability of a reactor for performing sequential
reactions.
As explained in Section 4.1, the residence time distribution of an FTCMR
cannot properly be measured directly. Comparing the experimentally mea-
sured selectivity for a given conversion with the theoretical one that would
be obtained in an ideal PFTR is an indirect proof for the width of the res-
idence time distribution. The effective Bodenstein number, accounting for
axial dispersion and pore size distribution, as determined in Section 4.1.2, is
a suitable parameter to describe the width of the RTD. The reactor tempera-
ture determines the ratio of rate constants, which accounts for the achievable
selectivity at a given conversion. The membrane reactor will be described by
an isothermal effective dispersion model, predicting conversion and selectiv-
ity for given operating conditions as a function of reactor temperature and
Boeff .
5.3.1 Isothermal Reactor with Effective Dispersion
If more than one chemical reaction is involved, quantifying the reactant con-
centrations in terms of conversion becomes impractical. Thus material bal-
ances are set up for each of the reactants. The general material balance for
a network of chemical reactions in a plug flow reactor with axial dispersion
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with i components and j reactions results as follows:
∂ci
∂t
= −∂(ciu)
∂z
+Dax
∂2ci
∂z2
+
∑
νijRj. (5.49)
Analyzing only steady state and neglecting changes of pressure, molar flow
rate and temperature along the channel as well as rarefaction effects, the
following simplified system of material balances results:
dxi
dZ
= 1
Boeff
d2xi
dZ2
+
∑
νijRj. (5.50)
With the above assumptions, the parameter for effective dispersion Boeff , tak-
ing into account both molecular axial diffusion and pore size distribution, is
constant in the whole reactor. In case of the ethyne hydrogenation a bound-
ary value problem with a system of four second order differential equations
results, requiring eight boundary conditions.
Assuming ideally mixed reactants in the volume before the membrane on
the feed side, no concentration gradients appear. If the volume is sufficiently
large, reactants which diffusively leave the membrane on the feed side do
not alter the feed composition significantly, which is equivalent to a closed
boundary. Thus, the previously discussed Danckwerts boundary conditions
(Equation 5.29) apply for each component i:
xi(Z = 0) = xi,feed +
1
Boeff
dxi
dZ
(Z = 0), (5.51)
dxi
dZ
(Z = 1) = 0. (5.52)
Assuming power law kinetics, the dimensionless reaction rates for each reac-
tion j can be written as:
rj =
mcat
n˙tot
· p
∑
i
nij · kj,∞ · exp(−EA,j/RT ) ·
∏
i
x
nij
i . (5.53)
As the reactor is isothermal, an energy balance is not required and the
reaction rates can be calculated by specifying the constant reactor tempera-
ture. In this case the required feed temperature can be determined by means
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of Equation 5.46. A different approach would be to specify the feed temper-
ature and implicitly calculate the reactor temperature by including the same
equation as additional side condition. For better comparability of the results
the first approach is applied, allowing for separate analysis of the kinetic in-
fluence of temperature and of the influence of the residence time distribution
on the achievable reaction selectivity.
5.3.2 Parameter Study
By adapting the flow rate to the reaction kinetics, any desired conversion
can be achieved. In case of sequential reactions it is more interesting, which
selectivity can be achieved for a given conversion. In the investigated system
this depends on two parameters: The reactor temperature determines the
respective reaction kinetics. If for example the temperature dependence of
the desired reaction is stronger than that of the undesired sequential reaction,
higher reactor temperatures will lead to higher selectivities. The residence
time distribution, which appears in terms of Boeff , represents the second
parameter. For high effective Bodenstein numbers, the influence of effective
dispersion is low and the reactor behavior is close to that of an ideal PFTR.
In this case, the maximum selectivity can be achieved for a given reactor
temperature and conversion. For lower values of Boeff backmixing effects
reduce the selectivity towards the desired intermediate product.
Figure 5.8(a) demonstrates the achievable ethene selectivities as a func-
tion of ethyne conversion for an ideal PFTR, varying reactor temperature
and therefore kinetics. Due to the different temperature dependence of the
two reactions, the highest selectivities can be achieved at the highest reactor
temperature. At lower temperatures not only the selectivity for a desired
conversion is reduced, but also the reaction rate, requiring much longer resi-
dence times to achieve the same conversion. If the reaction kinetics behave
like in the described case, the reaction temperature will be chosen as high as
the constraints, such as thermal degradation or material limits allow.
Figure 5.8(b) shows the achievable ethene selectivities as a function of
ethyne conversion for a constant reactor temperature of Tr = 500 K. For
5.3. REACTION SELECTIVITY 139
0 0.2 0.4 0.6 0.8 1
0
0.2
0.4
0.6
0.8
1
Ethyne Conversion X
Et
he
ne
 S
el
ec
tiv
ity
 S
 
 
T
r
 = 700 K
T
r
 = 600 K
T
r
 = 500 K
T
r
 = 400 K
(a) Ideal PFTR (Boeff =∞), varying reactor temperature Tr
0 0.2 0.4 0.6 0.8 1
0
0.2
0.4
0.6
0.8
1
Ethyne Conversion X
Et
he
ne
 S
el
ec
tiv
ity
 S
 
 
ideal
Bo
eff = 10
Bo
eff = 1
Bo
eff = 0.1
(b) Reactor temperature Tr = 500K, varying Boeff
Figure 5.8: Selectivity S as a function of conversion X for model kinetics and
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high values of Boeff ≥ 50, a difference from the ideal PFTR behavior can
hardly be quantified, but for the presented case of Boeff = 10, the selectivity
loss at an intermediate conversion of X = 0.5 already amounts up to four
percentage points. For strong dispersion (Boeff = 0.1) the selectivity at a high
conversion of X = 0.9 is even reduced by more than 50 % compared to the
ideal reactor. The figure does not show explicitly that for strong dispersion,
comparable to reduced temperature, the required mean residence time to
achieve a desired conversion is much higher than in case of the ideal reactor.
A comparison of Figure 5.8(a) and Figure 5.8(b) shows that the influence
of the residence time distribution on reaction selectivity is comparable to a
change of the reaction temperature.
5.3.3 Experimental Validation
Experimentally, Boeff can most easily be varied by altering the reactor pres-
sure or the flow-through velocity. Increasing the flow-through velocity re-
duces axial dispersion, but the resulting selectivities are difficult to compare
due to different mean residence times and consequently different conversions.
Increasing the absolute pressure while keeping the partial pressures constant
by diluting with inert nitrogen has the advantage that equal residence times
and equal kinetics can be achieved for different values of Boeff . Kölbl et al.
(2004) argue in a similar way that variation of the absolute pressure is more
suitable to check for mass transfer limitations in microstructured reactors
than variation of the fluid velocity. Nevertheless, if the same feed tempera-
tures are applied, the reactor temperatures decrease with increasing dilution.
So in order to achieve equal reactor temperatures as well, the feed tempera-
ture has to be adjusted.
Ethyne hydrogenation experiments are performed applying constant par-
tial pressures of the reactants as well as constant mean residence times and
permeate temperatures in each set of experiments, varying only the absolute
pressure by diluting with nitrogen. The resulting conversions and selectivi-
ties are displayed as a function of the mean reactor pressure in Figure 5.9. In
spite of constant partial pressures and residence times, both conversion and
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selectivity strongly decrease with increasing nitrogen dilution, which corre-
sponds to increasing values of Boeff . This behavior could be explained by
assuming a role of nitrogen in the reaction kinetics. Nitrogen seems to com-
pete with the reactants for adsorption sites at the catalyst and thus reduces
the overall reaction rate. The simultaneous decrease of selectivity indicates
that this site competition is more pronounced for the partial hydrogenation
than for the consecutive hydrogenation. As no site competition with nitrogen
has been reported for Pd-catalyzed hydrogenation reactions, small traces of
CO in the nitrogen 5.0 gas cylinder could also cause the decrease of reac-
tion kinetics at higher nitrogen dilution (Bos and Westerterp, 1993). The
observed kinetic phenomenon interferes with the influence of axial dispersion
and prevents the determination of effective dispersion coefficients.
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5.4 Impact of Catalytic Microstructure
Catalytic activity experiments performed in anodized and sintered catalytic
membranes have already been presented in Subsection 3.3.4 with the aim
of characterizing catalyst amount. Although the amount of catalyst in the
sintered membranes determined by UV-vis or ICP exceeds the one in the an-
odized membranes by a factor of at least five due to the increased membrane
thickness, and although the mean residence time in the sintered membranes
is one order of magnitude higher, the observed conversions are comparable,
suggesting more efficient use of catalyst in the anodized membranes due to
intensive contact in the microchannels.
Ethyne hydrogenation experiments are performed in four different reac-
tor types to identify the impact of reactor microstructure on conversion and
selectivity. The performance of the membrane microchannel reactor (W02
MR) is compared to that of a randomly structured sintered membrane reac-
tor (K02 MR) and to equivalent fixed beds of ground catalytic membranes
(W02 FBR, K02 FBR). For the applied sintered membrane (K02-4-10) a
catalyst mass of 2 mg Pd is determined by means of UV-vis, whereas the
applied anodized membranes (W02-4-10) are loaded with 0.3 mg Pd. Af-
ter initial membrane reactor experiments, the same catalytic membranes are
finely ground and reintroduced into the reactor module in shape of a fixed
bed of catalytic particles. To prevent loss of catalyst, the powder is placed
between two non-catalytic membranes and surrounded by an aluminium ring
with internal diameter of 20 mm.
Due to the different geometries, resulting in different pressure drop and
heat transfer, equivalent operating conditions are hard to establish. All ex-
periments are performed applying a reactant ratio of C2H2 : H2 : N2 = 1 : 9 :
19 at a product temperature of T = 443 K, varying reactor pressure and flow
rate. The experimental results are displayed in Figure 5.10.
Due to the large amount of catalyst in combination with intensive reac-
tant contact, full conversion to ethane is obtained in the sintered membrane
reactor even at the highest applied flow rate (Figure 5.10(a)). Due to the
high membrane thickness of 2 mm, pressure drop is considerable compared
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to the thin anodized membranes. In fixed bed mode, ethyne conversion as
well as pressure drop are significantly reduced. The conversion decreases for
reduced residence times, accompanied by an increase of selectivity.
The anodized catalytic membrane reactor mode also reaches high con-
versions X > 90 % and accordingly low selectivities towards ethene (Fig-
ure 5.10(b)). In fixed bed mode conversions are reduced significantly. On
the other hand, selectivities increase in the FBR compared to the MR, as
could be expected from the reduced conversions. All measured selectivities
lie on the same trajectory if compared to the corresponding conversions, not
allowing to quantify a microstructure impact on selectivity.
For both membrane types, the intensive contact in the membrane reactor
mode leads to higher catalytic activity compared to the catalytic fixed beds
with equivalent amount of catalyst. A comparison between the four reactor
setups shows that the obtained selectivity for a certain conversion is higher
in the fixed bed of sintered K02 membranes than in the reactors with an-
odized W02 membranes, while the conversion in the K02 membrane reactor
is too high and consequently the selectivities are too low for a comparison.
This result cannot be explained with the microstructure influence, in fact
it demonstrates that all four reactor setups are operated in a regime where
axial dispersion rather than microstructure or pore size distribution limits
the reactor performance. To prevent decomposition of ethyne, the anodized
membrane reactor has to be operated below the optimum pressure regime,
allowing for maximum values of Bo = 6. The Bodenstein number is propor-
tional to axial velocity and reactor length. The increased thickness of the K02
membrane leads to increased values of Boeff compared to the W02 membrane.
Further, the reactor diameter of the applied fixed beds is lower than the open
membrane diameter, leading to higher axial velocities, while the bed height
is significantly higher than the membrane thickness. Both effects lead to an
increased value of Boeff for the fixed bed compared to the membrane reactor.
Thus, if the membrane reactor is not operated in a regime where it can be
considered ideal, reduced axial dispersion in a fixed bed overcompensates the
effect of regular microstructure, allowing for higher selectivities.
In all reactor types, catalyst deactivation can be observed. For exam-
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ple with the W02 fixed bed, the initial experiments are repeated after two
hours of operation, producing comparable selectivities at reduced conversions
(at p = 5 bar decrease from initially X = 70 % to finally X = 62 % while
selectivity stays constant at S = 25 %). Simultaneously, a slight decrease
of pressure drop can be observed. Especially the thin anodized membranes
are difficult to handle. Breakage can be observed by a simultaneous de-
crease of pressure drop, conversion and selectivity. After use, most of the
catalytic membranes are destroyed during disassembly, if not already during
the reaction experiments. These constraints impede the determination of
reproducible experimental results and certainly need to be eliminated before
moving forward to industrial applications of the reactor concept.
The performed experiments prove the high catalytic activity of flow-
through membrane reactors compared to fixed bed reactors with the same
amount of catalyst, whereas improved selectivity can only be achieved in a
small window of operating conditions.
5.5 Conclusions
The kinetics of ethene hydrogenation as well as partial ethyne hydrogenation
reactions are determined experimentally, assuming ideal plug flow behavior,
by fitting the parameters of power law approaches to the measured conver-
sions and selectivities. For ethene hydrogenation a reaction order of n = 1.8
with low temperature dependence is identified. Ethyne hydrogenation with
large excess of hydrogen and nitrogen dilution is best represented by a total
reaction order of n = 0.7. While the influence of temperature is limited,
both increasing absolute pressure and increasing hydrogen partial pressure
promote the subsequent hydrogenation to ethane, reducing selectivity.
A heat transfer model of the catalytic membrane reactor is derived, ac-
counting for heat convection, heat conduction in gas and wall as well as heat
transfer inside the catalytic membrane and between membrane and reactor
module. All parameters are grouped into four dimensionless quantities Nu,
Pe, Bi and Bi0. If the ratio between Nu and Pe, which can be called inter-
nal Stanton number St, becomes larger than 1000, the temperature profiles
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of gas phase and membrane wall coincide and the reactor can be regarded
isothermal. The gas temperature immediately jumps from the lower feed
temperature to the constant reactor temperature when entering the catalytic
membrane pore. Due to the small reactor dimensions, in the anodized mem-
brane reactor this requirement is fulfilled under any operating conditions.
In this case, the heat transfer mechanisms inside the membrane prove to be
irrelevant for the resulting membrane temperature, which is exclusively de-
termined by a further dimensionless quantity, the external Stanton number
St0. This parameter results as a combination of the four initial dimensionless
numbers and is proportional to the heat transfer coefficient between mem-
brane and reactor module divided by the total flow rate.
Performed ethene hydrogenation experiments suggest that St0 is nearly
constant in the applied range of operating conditions. This implies that for
increasing flow rate, the heat transfer coefficient increases proportionally.
With this constant parameter characterizing the heat removal ratio from the
reactor, the resulting reactor temperature can be predicted satisfactorily in
the whole range of performed experiments.
Due to a potentially narrow residence time distribution, the flow-through
catalytic membrane reactor is suitable for performing selective reactions. An
isothermal reactor model for a multi-component reactant mixture and mul-
tiple reactions accounts for the residence time distribution caused by axial
dispersion and the pore size distribution of the membrane by means of the
effective Bodenstein number Boeff , derived in Chapter 4. The achievable
selectivity for a desired conversion depends on reactor temperature and on
Boeff . Reactor temperature directly influences reaction kinetics, either pro-
moting the desired or the undesired reaction. For a specific temperature, low
values of Boeff can additionally reduce the achievable selectivity significantly.
Due to a presumed influence of nitrogen in the respective reaction rates, the
performed selective ethyne hydrogenation experiments at different absolute
pressures cannot be used to determine effective dispersion coefficients and to
validate the reactor model. Nevertheless, simulation results suggest that for
Boeff > 20 the difference between achieved selectivity and potential selectivity
in an ideal PFTR is negligible.
5.5. CONCLUSIONS 147
The performance of the flow-through catalytic membrane reactor can
successfully be predicted by means of the derived reactor models if ap-
propriate reaction kinetics are available. The isothermal operation even of
highly exothermic reactions is beneficial for kinetic studies. If operated in
a low-dispersion regime by providing sufficient absolute pressure and flow-
through velocity, the reactor behavior can be regarded ideal, signifying that
the achievable selectivities are only limited kinetically.
A comparison between the reactor performance of anodized membranes
with regular microchannels and catalytic sintered membranes suggests a more
efficient use of catalyst in the anodized membranes, which possess smaller
pore diameters. Regarding selectivity, the performed ethyne hydrogenation
experiments cannot prove superiority of anodized membrane reactors com-
pared to sintered membrane reactors or even to fixed beds of ground catalytic
membranes. This can be attributed to a limitation of the operating pressure
induced by the application of ethyne. To prevent decomposition, the reac-
tor is operated below the pressure regime identified as ideal, allowing for
maximum values of Bo = 6 for the anodized membrane reactor. As in this
regime the microstructure impact is small, the increased reactor length of the
sintered membrane and of the fixed bed can even lead to reduced effective
dispersion compared to the anodized membrane, which can be measured in
terms of higher selectivities.
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Chapter 6
Conclusions
Flow-through membrane reactors represent a promising approach to inten-
sify heterogeneous catalysis in both gas and liquid phase. Considering their
function, the term microreactor applies better (in case of anodized alumina
membranes also micro monolithic reactor), as no separative function is per-
formed. The concept promises high catalytic activity and very short contact
times combined with a narrow residence time distribution. In contrast to
other reactor types, the performance of flow-through membrane reactors re-
garding diffusion limitation even improves for higher flow-through velocities.
Compared to fixed bed reactors, mass and heat transfer limitations can ef-
fectively be avoided, the pressure drop reduced and the specific surface area
increased. The drawbacks of moving bed or slurry reactors, such as catalyst
attrition, equipment erosion and catalyst separation do not apply either.
The choice of the appropriate pore size for a catalytic membrane reac-
tor always represents a trade-off between intensive contact and low pressure
drop. Comparing published investigations, the mean pore size of the ap-
plied membranes varies by several orders of magnitude. The anodic alumina
membranes applied in the work at hand are made up of uniform cylindrical
channels with a mean pore size around 0.2µm and narrow pore size dis-
tribution. Applied sintered alumina membranes on the other hand show a
non-uniform structure with remarkable tortuosity.
Palladium as hydrogenation catalyst is deposited in the membrane pores
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by a wet impregnation method applying Pd(acac)2 solved in toluene. The
obtained catalyst loading is a function of the concentration of the precur-
sor solution, rather than the impregnation time. The catalytic activity of
the membranes increases with the catalyst loading, whereas the porosity
decreases. The resulting lower hydrodynamic residence times may lead to
decreased conversions compared to moderate catalyst loading, if the cat-
alytically active surface does not grow proportionally, for example due to
formation of larger catalyst particles.
For the investigated reactor concept, direct measurement of the residence
time distribution is hardly possible. A fluid dynamic reactor model taking
into account pore size distribution and axial dispersion allows to quantify
deviations from ideal PFTR behavior. Both influences can be combined into
an effective dispersion model with the single parameter Boeff , which can be
calculated for known membrane geometry and operating conditions. For
strong dispersion caused by low axial velocities and absolute pressures, the
influence of the pore size distribution is negligible. Increasing velocity and/or
pressure reduces axial dispersion, producing a narrower RTD. At the same
time the influence of the pore size distribution grows, limiting the minimum
achievable effective dispersion. For the anodic alumina membranes a limit of
Bomax = 58 is determined. Flowing through several membranes in sequence
additionally reduces the width of the RTD at the cost of increased pressure
drop.
For gas phase reactions in pore structures below the micrometer scale
the flow processes and microeffects in Knudsen and transition regime can
severely influence the reactor behavior. Especially at low absolute pressures
a correction factor is required to quantify the reduced pressure drop com-
pared to continuum theory. Axial dispersion is also influenced by rarefaction
for gas flows at pressures below 106 Pa. Although the effect is generally pos-
itive, it cannot compensate for the high diffusivity present at low pressures.
For optimum reactor performance, increased pressures are recommended, in
which case microeffects are rather insignificant. The same applies for liquid
phase reactions.
Reaction experiments are performed, applying ethene hydrogenation as
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model reaction for catalytic activity and heat transfer and partial ethyne
hydrogenation for selectivity measurements. A heat transfer model reveals
that due to the small characteristic lengths heat convection is always small
compared to the internal heat transfer (St ≥ 1000), leading to an isother-
mal reactor behavior with identical gas phase and membrane temperature.
When entering the catalytic membrane pore, the reactants are immediately
heated from feed temperature to a constant reactor temperature. Conse-
quently, heat transfer mechanisms inside the membrane are irrelevant for
the resulting membrane temperature, which is exclusively determined by the
external Stanton number St0. This dimensionless quantity characterizes the
heat removal ratio from the reactor. For the performed ethene hydrogena-
tion experiments in the anodized catalytic membrane reactor setup a constant
value of St0 = 4.3 leads to a good agreement with the observed reactor tem-
peratures, independent from the operating conditions. The parameter allows
for satisfactory prediction of the resulting reactor temperature in the whole
range of performed experiments.
The potentially narrow residence time distribution makes the catalytic
membrane reactor in flow-through mode suitable for performing selective re-
actions. Inversely, high selectivities are an indirect proof for the predicted
narrow residence time distribution. Completely comparable reaction con-
ditions, varying only Boeff , are difficult to create. Thus, the experimental
analysis is supported by an isothermal dispersion model. The achievable
selectivity for a desired conversion is a function of reactor temperature and
Boeff . The temperature directly influences reaction kinetics, either promoting
the desired or the undesired reaction. For a specific temperature, low values
of Boeff can additionally reduce the achievable selectivity significantly. For
values of Boeff > 20 the difference between achieved selectivity and potential
selectivity in an ideal PFTR becomes negligible.
The predicted high catalytic activity of the investigated catalytic mem-
brane microchannel reactor compared to catalytic fixed beds can be proven
experimentally. Experimental evidence for the supposed narrow residence
time distribution on the other hand is impeded by several factors. The se-
lected model reaction is not suitable for performing experiments at high
152 CHAPTER 6. CONCLUSIONS
pressures due to danger of spontaneous decomposition of ethyne. At realized
pressures of up to 6 · 105 Pa, maximum Bodenstein numbers of Bo ≈ 6 are
achieved in the anodized membrane reactor. In this regime, the impact of
axial molecular diffusion is more pronounced than the influence of regular
microstructure. Even though the flat and thin geometry of membranes is
advantageous in terms of high throughput at minimum contact time, it is
unfavorable regarding axial dispersion. This prevents application in consec-
utive low pressure gas phase reactions, where a fixed bed reactor might reach
higher selectivities due to increased reactor length.
The isothermal operation even of highly exothermic reactions is beneficial
for kinetic studies. If operated in a low-dispersion regime by providing suf-
ficient absolute pressure and flow-through velocity, the reactor behavior can
be regarded ideal, which means that only reaction kinetics limit the achiev-
able selectivities. Potential applications of flow-through catalytic membrane
reactors are fast gas phase reactions at high pressures and potentially high
temperatures, which call for short contact times. Compared to a gas at ambi-
ent pressure, the molecular diffusion coefficient in liquids is about four orders
of magnitude lower, allowing for high values of Bo even for very low flow-
through velocities, which cause maintainable pressure drop. Radial diffusion
on the other hand is reduced, but due to the small pore diameters not to an
amount that would cause significant deviation from plug-flow behavior.
An interesting parameter for tailoring catalytic membranes to their ap-
plication is the pore geometry. A small pore size promotes intensive contact
between reactants and catalyst, but may generate significant pressure drop.
An optimum pore size might be determined for specific applications, which
causes the lowest flow resistance but is still not limited by heat and mass
transfer resistances. In many cases a sintered membrane might be the more
economic choice, but the advantages of anodized membranes, such as low
tortuosity, narrow pore size distribution and very low thickness, should be
considered carefully. Their thin symmetric structure also allows for complete
catalytic coating without need to limit the catalytic region to a certain layer,
as would be favorable in asymmetric membranes. A more detailed exami-
nation of the pore structure influence on the reactor performance promises
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to be an interesting topic for future investigations. For a significant com-
parison between a regularly structured catalytic membrane reactor and an
equivalent unstructured or fixed bed reactor a thorough design of the reactor
setup is essential. The extremely short reactor length of the catalytic mem-
brane can hardly be realized with a fixed bed without causing by-pass flows.
Increased reactor length on the other hand reduces axial dispersion. A reac-
tor concept consisting of several catalytic layers interrupted by non-catalytic
regions might be realized with both reactor types, allowing for comparable
reactor length, fluid dynamics and catalyst loading.
Other potential research topics could result in further improvement of the
reactor concept: In the applied reactor module, part of the catalytic mem-
brane is not accessible from the feed side due to the graphite gasket, which
is essential to prevent by-pass flows. Nevertheless, from the permeate side,
these region can be accessed by radial diffusion in the porous support, allow-
ing for undesired sequential reactions and increasing the width of the actual
residence time distribution. This contact could be prevented by sealing ei-
ther the inaccessible pores of the membrane or the corresponding region of
the porous support for example by gluing. Finally, the distribution of the
incoming flow along the membrane surface might cause radial depletion of
reactants due to reaction and back-diffusion, which can be especially un-
favorable in case of competing reactions. A non-catalytic layer acting as
diffusion barrier could improve the performance, if this depletion turns out
to be significant.
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Symbols and Abbreviations
Abbreviations
Abbreviation Meaning
CMR Catalytic Membrane Reactor
CSTR Continuous Stirred Tank Reactor
EDX Energy Dispersive X-ray analysis
FBR Fixed Bed Reactor
FTCMR Flow-Through Catalytic Membrane Reactor
FTIR Fourier Transform Infrared Spectroscopy
GTL Gas To Liquid
HC Hydrocarbons
ICP-OES Inductively Coupled Plasma Optical Emission Spec-
troscopy
MF Microfiltration
NF Nanofiltration
OCM Oxidative Coupling of Methane
PFTR Plug Flow Tubular Reactor
PI Process intensification
PSD Pore Size Distribution
PVMR Pervaporation Membrane Reactor
RTD Residence Time Distribution
SEM Scanning Electron Microscopy
UV-vis Ultraviolet-visible Spectroscopy
VOC Volatile Organic Compounds
WGS Water-Gas-Shift
XRD X-Ray Diffractometry
169
Mathematical symbols latin
Symbol Unit Meaning
arel,i - Relative absorption
A m2 Cross-sectional pore area
Aint m2 Internal membrane surface area
Awall m2 Cross-sectional wall area allocated to a single
pore
Amem m2 Accessible membrane area
c mol/m3 Concentration
cp J/(mol K) Molar heat capacity
d m Pore diameter
Dax m2/s Axial dispersion coefficient
Dmem m Open membrane diameter
Dmol m2/s Molecular diffusion coefficient
EA J/mol Arrhenius activation energy
E(t) 1/s Residence time distribution pulse response
F (t) - Residence time distribution step response
h W/(m2K) Heat transfer coefficient
ki variable Kinetic rate constant of reaction i
k W/(m K) Thermal conductivity
L m Channel length = membrane thickness
m - Number of pore size classes per membrane
n - Number of membranes in series
n˙i mol/s Molar flow rate in pore size class i
n˙tot mol/s Total molar flow rate
M kg/mol Molecular weight
N - Number of pores
p Pa Absolute pressure
pi Pa Partial pressure of component i
P mol/(m2 s Pa) Permeance = pressure normalized flux
Q m3N/s Standard volumetric flow rate
Q˙ W Heat transfer rate
R 8.314 J/(mol K) Ideal gas constant
r mol/(kgcats) Reaction rate
R - Dimensionless reaction rate
S - Selectivity towards intermediate product
SV m2/m3 Volume-specific surface
t s Time
tcat µm Thickness of catalytic layer
T K Temperature
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Mathematical symbols latin (continued)
Symbol Unit Meaning
u m/s Axial velocity
u¯ m/s Mean molecular velocity
V m3 Volume
x - Mole fraction of reactant i
x∗ - Reduced mole fraction (only HC)
X - Conversion
z m Axial coordinate
Z - Dimensionless axial coordinate Z = z/L
Mathematical symbols greek
Symbol Unit Meaning
α ◦ Contact angle
 - Porosity
η Pa s Dynamic viscosity
λ m Mean free path
σ N/m Surface tension
τ s Mean residence time
τi s Mean residence time in pore size class i
θ - Normalized residence time
Θ - Normalized temperature
ζcat - Catalyst volume fraction
Subscripts
Subscript Meaning
av Average (regarding length of channel)
ax Axial
eff Effective
i Pore size class
m Pore size class with mean pore diameter
mem Membrane
p Pore
r Reactor
ref Reference (reference pore diameter)
tot Total
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Dimensionless quantities
Definition Name Meaning
Bi = AinthL(1− )Amemkwall Biot Internal heat transfer to heat con-duction in solid
Bi0 =
h0L
kwall
Biot Feed External heat transfer to heat con-
duction in solid
Bo = uL
Dax
Bodenstein Convective to diffusive transport
in axial direction
Kn = λ
d
Knudsen Mean free path of gas to pore di-
ameter
Nu = AinthL
Amemkgas
Nusselt Internal heat transfer to heat con-
duction in fluid
Pe = n˙totcpL
Amemkgas
Péclet Heat convection to heat conduc-
tion in fluid
Pr = ηcp
Mkgas
Prandtl Kinematic viscosity to thermal
diffusivity
Re = ρud
η
Reynolds Ratio of inertial forces to viscous
forces
St = hAint
n˙totcp
Stanton Internal heat transfer to heat con-
vection
St0 =
h0(1− )Amem
n˙totcp
Stanton Feed External heat transfer to heat con-
vection
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